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Abstract

The work demonstrates a powerful method of data analysis based on
algorithms of mathematical gnostics and shows its application for
evaluation of experimental heat capacity data. The method was first
used during the initial setup and testing the functionality of a newly
bought calorimeter. The stability of the calorimeter was examined
and the optimum heating rate was determined. The optimum is
chosen in order to maximize the signal to noise ratio. It is estimated
as a temperature rate where the values of heat capacities obtained in
repeated measurement have narrowest tolerance interval and
narrowest interval of typical data. Heat capacities of three ionic
liquids were further measured in the temperature range of 20-75 °C
and repeatability analyzed by algorithms of mathematical gnostics.
The width of the interval of typical data is less than 0.25 % in all
cases.

Keywords
Mathematical gnostics, critical evaluation, heat capacity.

1. Introduction

In any experimental work, data analysis is equally important as data acquisition.
Experimentalists do their best to prevent systematic errors and improve the
procedure in order to obtain high quality data. However, no mater how careful the
experimental work is, for various reasons the data may not fulfill assumption of
frequently used statistical procedures, especially the distribution of experimental
errors may not be normal. This is the case of measurement very low concentration or
in techniques where the signal to noise ratio is low. The problems are thus caused by
the physical nature of the experimental method. Similar problems arise if data come
from several data sets, for instance if data measured by two or more authors have to
be compared and critically evaluated. In such cases we have to assume that the data
set consisting of all available data is not homogeneous and the distribution may have
several modes. We need a tool that can reliably prove or reject this hypothesis.

Statistics offers several robust algorithms. However, they were derived using a
prior assumption on the distribution of inliers and outliers. This is the reason why the
problems are not completely solved. These methods often provide useful results but
may unpredictably fail. Such failure was already demonstrated in one of the previous
works [1].

A good candidate for such applications is mathematical gnostics [2] mainly
because it does not make any assumption on the distribution of experimental errors.
Their distribution function is estimated during data analysis adopting the paradigm:
“Let the data speak for themselves.” Mathematical gnostics is based upon two
axioms. The first axiom says that the process of measurement is influenced by
uncertainty the nature of which is unknown. The measured value can be expressed
as a sum
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A=A+ Sb (1)

where A is the measured value, Ay is the ideal value meaning the true value that we
wish to obtain. Symbol ® denotes normalized uncertainty and S is a scale factor.
Equation (1) can be reformulated into a multiplicative model

Z1/s = ZS/SeQ (2)
using the following mappings
Z=¢€" Zy=¢é" (3)

The second axiom defines the composition law that that is used to estimate
properties of the data sample from the properties of each individual measurement.
The composition law provides us also with tools for estimating the optimum value of
the scale parameter. The composition law enables us to define four kinds of gnostic
distribution function from which only two are important for our application. Derivation
of the expressions can be found in the above mentioned book [2].

The estimating global distribution function is per definition unimodal and
serves for description of a homogeneous data sample. Composition is not additive
and the value of the scale parameter is found by minimizing the difference between
the estimating global distribution function and the empirical distribution function of the
experimental data. Due to nonadditivity the resulting function may not fulfill properties
required by statistics which means that the estimating global distribution function of
the particular data sample does not exist and the hypothesis of homogeneity must be
rejected.

On the contrary, the estimating local distribution function may be multimodal. If
the distribution function is unimodal, the local estimate of location (position of the
mode) has an interesting property described in book [2]. The estimate is robust which
means that the local estimate of location is insensitive to outliers. Given a data
sample we can test the influence of an added datum to the value of the local estimate
of location Z,. If the added datum is equal to the value of the local estimate of
location. If the value is continuously decreased, first the value of the local estimate of
location will also decrease till the added datum reaches a particular value Z, where
the value of the local estimate of location will approach a local minimum Zg, . If the
added datum is decreased further, it will be considered as an outlier, its influence will
be gradually weaker and finally the value of the local estimate of location will return to
Zo. The behaviour in case of an added datum greater than Z, is analogical. We can
therefore determine five values: Z| < Zg. < Zo < Zoy < Zy. Values Zy. and Zyy bound
the tolerance interval because the value of the local estimate of location can never
move outside it. Values Z, and Zy bound the interval of typical data where the
dependence of the value of the local estimate of location on the added datum is
increasing. This unique property can be used to estimate the precision of
measurement even in case of small data samples as well as to test agreement of two
or more data samples. The detailed description of the procedure can be found in the
above mentioned book [2]. It was applied in several previous works, for instance for
evaluation of literature data of high-pressure vapour-liquid equilibrium in systems of
carbon dioxide with ionic liquids [3]. It is routinely used by automatic analysis of
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particle size distribution of atmospheric aerosols [4] and found humerous applications
included but not limited to medical research [5].

2. Results and discussion

The algorithms of mathematical gnostics were used during the setup of the newly
bought Setaram yDSC Il evo microcalorimeter. First the optimum heating rate for the
continuous method was estimated and the stability was checked. Further the heat
capacities of three ionic liquids were measured and repeatability verified.

2.1 Estimation of optimum rate of heating rate

Theoretically,continuous method of heat capacity measurement should be possible
both during heating and cooling. The first tast was therefore estimation of the
optimum rate and verification whether results obtained during heating and cooling
provide the same results. There seems to be a software problem. If heat capacities
are measured during heating, the values are reported at integer values of
temperature (in degrees Centigrade) but this is not the case of the results obtained
during cooling. Moreover, the heat capacity obtained during cooling exhibit high and
irregular scatter. These results were therefore disregarded and only the results
obtained during heating were further analyzed.

We assume that high heating rate may cause temperature gradient and thus
incorrect values. Moreover such temperature gradient may be irreproducible. On the
other hand, if the rate is too low, the signal to noise ratio will also be low which will
result in increased scatter. We should therefore examine the dependence of the data
scatter on the heating rate. In the terminology of statistics, we have to estimate data
variance. The minimum sample size nmin required for this statistical procedure can be
calculated from expression

ga(x) — 1

T ORR (4)

Nmin =
where 0 is the required relative error of variance estimation and kurtosis g is defined
by

_ E[(X - )4
% = X — w?IP ©

where X is the vector of experimental values, y is the mean value and E is the
operator of the arithmetic mean. The nni, values for several statistical distributions
are given in Table 1.

Distribution Kurtosis nnin
Uniform 1.8 21
Normal 3.0 51
Exponential 6.0 126
Laplace 9.0 201
Lognormal 15.0 351

Table 1. Minimum sample size for for determination of data variance with 10% error,
I. e. the value of 6 = 0.1.
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The estimators of mathematical gnostics are derived by composition of
properties of each individual measurement, therefore the results are valid even for
small sample sizes. Four values are often sufficient to obtain useful results. In order
to perform gnostic analysis, heat capacity of water was measured at four distinct
heating rates and each measurement was carried our four times. It was verified that
the data sample for each distinct temperature and heating rate is homogeneous.
Afterwards the tolerance intervals and intervals of typical data were calculated. The
results are graphically summarized in Figure 1. For better clarity the intervals and to
values of the local estimate of location are connected by lines although only the
points make sense.

t=34°C t=35°C

4.195 v - 4.21 -
G B 4205}
X 419 } x 402
= = =
N 4185 b N 4195 E
3 S 419 F
T 418 } y
N N
N_ 4475 b N N_ 418 b
=] = L
h{ 4-1? L r\J— 4.1?5
N N 417}

4.165 4.165

0.2 0.3 0.4 0.5 0.2 0.3 0.4 0.5
Heating rate [K/min] Heating rate [K/min]
t=136°C t=40°C
4.24
El T 423
> >
= S 422
=] > 421
Y] N 4.2 i i
N 5 419
r\]é rx? 4.18
- - 417 f f
& N 415 i
414 . .
0.2 0.3 0.4 0.5 0.2 0.3 0.4 0.5
Heating rate [K/min] Heating rate [K/min]

Figure 1: Dependence of tolerance intervals and intervals of typical data on heating
rate

The results show that the results do not depend much on the heating rate and
the trend is not unique. However, we can see that in most cases the interval of typical
data at the rate of 0.2 K/min is considerably larger most probably due to low signal to
noise ratio. Similar behaviour although not that pronounced can be observed at the
rate of 0.5 K/min. Therefore the choice of the heating rate is not critical but the
optimum value is 0.3 K/min. It is important to stress that this value need not be
universal for all instruments.

2.2 Verification of long term stability

The measurement of the heat capacity of water as described in the preceding section
was used to test the correct function of the calorimeter. Values measured at heating
rate of 0.3 K/min were used to evaluate the local estimate of location and the
tolerance interval and the interval of typical data at each temperatures. The results
together with the literature data [6] are shown in Figure 2.
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Figure 2: Test measurement of heat capacity of water, comparison with literature
data.

The value measured at 32 °C is close to the beginning of the operation
interval. According to information from the manufacturer this value should be
disregarded. Indeed, the interval of typical data is much wider that the intervals of
typical data at higher temperatures. It is also evident that our data do not agree with
literature. Measurement of sapphire showed the source of the problem. In February
2012 the measured value was 0.8114 J/K.g with tolerance interval (0.8111, 0.8115)
and interval of typical data (0.8103, 0.8117) while the measurement repeated in
November 2012 provided value 0.8210 J/K.g with tolerance interval (0.8205, 0.8214)
and interval of typical data (0.8192, 0.8218). After Joule effect recalibration our
measurement agreed with the literature data.

2.3 Measurement of heat capacities of ionic liquids

Heat capacities of three imidazolium based ionic liquids were measured in
temperature range of 20-75 °C. The ionic liquids differ in the substituent on the
imidazolium ring, aliphatic, branched an cyclic, namely [C4CsIM][NTF;],
[C4ICsIM][NTF2], [C4cCsIM][NTF:], respectively. Heating rate was 0.2 K/min. The
results were analyzed by the algorithms of mathematical gnostics and the estimating
global distribution function detected many cases where the values obtained at a
particular temperature did not form a homogeneous sample. At most one value has
to be removed in order to achieve sample homogeneity. Afterwards the tolerance
intervals and intervals of typical data were calculated. The width of the interval of
typical data is less than 0.25 % of the measured value in all cases.
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3. Conclusions

During intial instrument setup and testing heat capacities of water were repeatedly
measured and analyzed by algorithms of mathematical gnostics. The analysis
allowed us to detect the necessity of Joule effect recalibration as well as to find the
optimum heating rate. The experience shows that calibration should periodically be
checked. Analysis by mathematical gnostics may help to find problems early and
thus detect the need for Joule effect recalibration.

Subsequent measurement of heat capacities showed that after removing
outliers detected by the estimation global distribution function the width of interval of
typical data is below 0.25 %. The existence of outliers proves our finding that heating
rate of 0.2 K/min is too low.
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Abstract

Systems with azeotropes cannot be separated by simple distillation
since the vapor and liquid compositions are the same. Variation of
the applied pressure can shift the azeotropic composition out of the
range of purification of a single column or may allow pressure swing
operation of two columns. Because of the sensitivity of column size
to accurate estimates of the relative volatility, it is important to use
reliable phase equilibrium thermodynamics when exploring the
possibility of varying pressure to avoid an azeotrope. Based on an
analysis of the pressure sensitivity of azeotropic compositions, we
show examples of the impact of different modeling strategies for
binary and multicomponent mixtures.

Keywords
Azeotropy, distillation, pressure sensitivity.

1. Introduction

Distillation has been the separation method of choice for systems that have
coexisting vapor and liquid within the allowable temperature range, because of its
simplicity of equipment, robustness of operation, and ease of maintenance. The
process is viable as long as the phases have different compositions at equilibrium.
Many combinations of substances will form azeotropes in which the vapor and liquid
have the same composition, a phenomenon that has been known for at least one and
a half centuries [i]. There are two fundamental approaches to eliminating azeotropes:
One is to add another component, in extractive and azeotropic distillation, to shift the
separability of the components to obtain one stream of desired composition followed
by removal and recycle of the added component in another column also producing
the other desired product. This can be very effective, but requires addition and
separation of a solvent that can have undesirable contamination and cost effects. An
alternative is to change the pressure of the distillation column either to conditions for
which there is no azeotrope over the range of compositions, or to use two columns at
different pressures (pressure swing) where azeotropes of different compositions from
the columns are recycled while they also produce streams of the desired products.
However, there are limits to the effectiveness of pressure variations because the
effect on composition may not be large enough to achieve the desired effect.
Important elements of decisions about conceptual process design are commonly
based on estimates of properties from thermodynamic models. With azeotropes there
is high sensitivity of equipment size and operating costs to the separability of
components. Here we analyze and show examples of the responses of azeotrope
composition and temperature to variations of pressure that should provide reliable
screening about the feasibility of using this approach for overcoming azeotropes. In
particular, we address the impact of models and parameter regressions on pressure
sensitivity of homogeneous azeotropes of binary and multicomponent mixtures.
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2. Results and discussion

2.1 Theory

The thermodynamics of phase equilibrium shows that for P phases to exist in a
system of C components with only PV work, the number of independent intensive
variables, F, is given by the Gibbs Phase Rule

F=C-P+2-S (2.1)

Here S is the number of special constraints on the system. For an azeotrope, the
value of S is C - 1 for equality of vapor and liquid mole fractions of each of the
components. Thus, setting the pressure for an azeotrope sets all phase mole
fractions and the temperature, a total of C variables. To find the values of these
variables, C phase equilibrium relations are solved. Commonly these set the fugacity
of a component, i, in the vapor equal to its fugacity in the liquid. Equation (2.2) shows
the general form for a system below the critical temperatures of the pure components
using the Lewis/Randall standard state:

fY (T, P,[y]) =f' (T, P,[X])
"V (T, p, 2.2
Yo (T, P,IYDP = x, (T,[X])(piS(T)PiS(T)eXp{J.wdp} =2

ps

Here, ¢, is the vapor fugacity coefficient, a function of system temperature, pressure
and vapor composition, and is obtained with a selected equation of state model. Also,

7; is the liquid activity coefficient, a function of system temperature and liquid

composition, and is obtained from a selected excess Gibbs energy model. Further,
»°P%is the product of the fugacity coefficient and pressure of the pure saturated

vapor, functions only of system temperature. Finally, \7(T p,[x]) is the partial molar
volume of the component in the liquid [iii]. In the treatment below, we assume the
pressure is low enough that the fugacity coefficients effectively cancel and the

exponential term is unity. Then for an azeotrope at mole fraction, z
P=7(T.[)P(T) (2:3)

The analysis of Rowlinson and Swinton [ii] for the pressure derivatives of
temperature and composition, directly shows the pressure sensitivity of the
temperature and the azeotropic composition, z;, in a binary mixture:

i Z,AV | = —— (2.4)
= (0°Ag/027)> 7,AS;
-1

Here, A denotes the property difference between the vapor and the liquid phases.
Note that the properties in Eq. (2.4) are derivatives of the property models. For the 10
systems we have examined here, the range of dz;/dP is from -0.08 to 0.2. Consistent
with the approximations of Eq. (2.3), the pressure derivative of the composition can
also be expressed

daT & /Zzlz R AV1AS; — AV 2AS;
j IR
j=1
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This is the binary result of a general multicomponent mathematical development. The
ternary azeotrope relation for the same approximations is

Det(J,) =
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Thus, for both binary and multicomponent systems, the principal effect on pressure
sensitivity of the azeotropic composition is a difference of non-ideality terms plus a
difference of pure component enthalpies of vaporization. Enthalpies of vaporization
are much greater than the non-ideality terms, but often similar in magnitude. For
example, Trouton’s rule gives a universal value at the normal boiling point, Ty, of
Ah" /RT, =10. Table 1 shows some substances without hydrogen bonding within the

range from 10.2 to 10.6; those with hydrogen bonding range from 12.5 to 13.2. Out of
the 220 substances tabulated by Poling et al. [iii], boiling between 300 and 460 K,
less than %2 deviate from the average over 10%. Table 1 also shows the liquid molar
volumes and Antoine vapor pressure model parameters used in calculations below.
As we will show, the term for the non-ideality difference can be greater than the term
for the pure component difference in Egs. (2.5) and (2.6). Thus, the reliability of
computed pressure sensitivity may in some cases be determined by the reliability of
the temperature dependence of the selected excess Gibbs energy model.

2.2 Method of analysis

To illustrate the effects of different systems and excess Gibbs energy models, we
choose binary systems for which ternary azeotrope pressure data exist. We show
that there can be an impact of non-ideality from fitting the model parameters to only
vapor-liquid equilibrium data or to a combination of VLE data for activity coefficients
and heats of mixing data for h® as well as when the parameters are considered
temperature independent as well as linearly dependent. An indication of the non-
ideality term will be the excess Gibbs energy at equimolar composition, while an
indication of the pure component vaporization enthalpy difference is found from the
last column of Table 1. We also compare the resulting pressure dependencies with
results from smoothing the azeotrope composition variation with pressure with
polynomial fitting of azeotropic data [iv] directly.
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Table 1. Pure Component Properties [iii]

Substance |V, m*kmol*| T,, K A B’ C  |AhY, kI mol*| ANY/RT,
acetone 0.0738 |329.22|4.42448|1312.253 | -32.445 29.1 10.6
chloroform 0.0805 |334.33|4.56992|1486.455| -8.612 29.2 10.5
n-hexane 0.131 341.88|4.00266 |1171.530| -48.784 28.9 10.2
methanol 0.0406 | 337.69|5.20409|1581.341| -33.500 35.2 12.5
ethanol 0.0586 |351.80|5.24677|1598.673 | -46.424 38.6 13.2
water 0.0181 373.15(4.65430|1435.264 | -64.848 40.7 13.1

"A,B,C: Antoine Constants for the form: log10(P°) = A - (B/ (T + C)); P®, bar; T, K
2.3 Results

2.3.1 Binary Systems
The Wilson model parameters have been fitted to VLE data only and VLE plus heats
of mixing data [v] for several binary systems.

X V _Ann*an(T’To)
Iny,=1-Ing =D Ay~ , e=> XA, , Ap :V—“e T (2.8)
K € K

m

Here Ty = 273.15 K [vi]. We have used the liquid volumes and Antoine constants in
Table 1. We have treated ternary systems with the NRTL model, in addition (see
below). Table 2 lists the excess Gibbs energy at midpoint composition, to indicate the
non-ideality of the system, and the derivative, dz;/dP, evaluated at 1 atmosphere for
ethanol(1)/water(2) from the Wilson model with constant (all Bj = 0) and linearly
dependent parameters (B # 0). Also given is a “Smoothed” result from differentiation
of a function which described well, measured (z1,P) data [iv]. Scatter in the data limits
the number of reliable significant figures, but the signs and orders of magnitude
should be reliable. Because the Ah“/RT, values are very similar for water and
ethanol, the pure component terms are comparable to the non-ideality terms.
Depending upon the data included, we find pressure sensitivities can even differ in
sign, so temperature dependence of the parameters makes significant difference.
Consistent with this, Gmehling and Kolbe [vii] concluded that the Wilson model (only
fitted to VLE data) produces erroneous pressure dependence of the azeotropic
composition for this system. Addition of heats of mixing improves the predicted
pressure sensitivity, however.

Table 2. Ethanol (1) + Water (2) with the Wilson Equation.

Data Included A Ao B, Bo1 gE/RT (X]_ = 05) de_/dP (bar_l)

VLE [viii] 289.6 471.9 0 0 0.32 (352.5K) 0.04

VLE [viii]+h" [v] -7.33 424.7 3.0 0.76 0.32 (352.5K) -0.01
Smoothed [iv]: -0.03

Table 3. Chloroform (1) + Ethanol (2) with the Wilson Equation.

Data Included A Axn B, B | 97/RT (x; =0.5) | dz;/dP (bar™)

VLE [iX] -164.0 | 763.2 0 0 0.24 (335 K) -0.08

VLE [ix]+ h® [X] -206.5 | 9644 | 094 | -4.2 0.24 (335 K) -0.08
Smoothed [iv]: -0.05

Table 3 shows results for chloroform(1)/ethanol(2) with VLE and VLE plus h® data
fitted to the Wilson model. In Table 3, however, the same pressure sensitivity is
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found regardless of the data and temperature dependence of the parameters
because the pure component difference term is much larger than the non-ideality
difference. Table 4 shows results resembling the ethanol/water system for
chloroform(1)/n-hexane(2). Meanwhile, Table 5 shows that although n-
hexane/ethanol is much more non-ideal than chloroform/ethanol, the pure component
vaporization enthalpies differ substantially, and so their azeotropic pressure
sensitivities are independent of liquid non-ideality. In a similar fashion NRTL (a = 0.3
in all cases) parameters have been determined from regressing binary data for the
three pairs of the and acetone(1)/chloroform(2)/n-hexane(3) systems [xi], using VLE
with and without h® data. For brevity we do not give the equation and parameters;
they can be obtained from the authors upon request. Table 6 gives the pressure
sensitivities. The pressure sensitivities chloroform/hexane are very similar, but not
exactly the same as those from the Wilson model given in Tables 4-5.

Table 4. Chloroform (1) + n-Hexane (2) with the Wilson Equation.

Data Included A Axn B, B g°/RT (x, = 0.5) | dz,/dP (bar
1
)
VLE [xii] 112.9 66.8 0 0 0.10 (334.5 K) 0.001
VLE [xii] +h" [xiii] 116.6 77.5 0.40 | -0.86 0.10 (334.6 K) 0.01
Smoothed [iv]: 0.03
Table 5. n-Hexane (1) + Ethanol (2) with the Wilson Equation.
Data Included A1 Ao B, B, gE/RT (X]_ = 05) dZ]_/dP (bar_
1
)
VLE [xiv] 1494 | 1082.1 0 0 0.53 (332.0K) -0.08
VLE [xiv] + h®[xv] | 181.9 | 1140.2 | -0.41 | -1.3 0.53 (332.0 K) -0.08
Smoothed [iv]: -0.07
Table 6. dz,/dP (bar™) (using linearly dependent parameters).
Acetone Chloroform n-hexane
Acetone -0.07(-0.03)*  0.006(0.01)*
Chloroform -0.04(-0.03)"
n-hexane 0.018(0.01)" 0.012(0.03)"

*Temperature independent parameters (all B; = 0) (Smoothed Value [iv])
“Linearly dependent on T (B; # 0) (Smoothed Value [iv])

2.3.2 Ternary Systems

We now examine ternary systems composed of the substances considered above:
ethanol(1)/chloroform(2)/n-hexane(3) [iv] {System I}, and acetone(1)/chloroform(2)/n-
hexane(3) [iv] {System II}. We want to test whether the binary parameters can
describe the ternary azeotrope compositions and their variation with pressure as well
as whether the apparent pattern of sensitivity to the parameter dependence on
temperature and data regressed would be maintained. Table 7 shows the variations
for System | where there are 3 data points over the pressure range from 0.53 to 1.01
bar, while Table 8 shows results for System Il where there are 6 data for pressures
from 0.27 to 1.01 bar. First it can be seen that the calculated azeotrope compositions
are close to experiment for System | and for System Il (though less), with little
difference between the parameter sets. Second, both constant and linearly
dependent parameters describe the azeotrope composition dependence on pressure
of System I, as well as for its binaries. The linearly dependent parameter set
describes the pressure sensitivity of System Il somewhat better. This is consistent
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with the pattern described above for binaries because the components of System I
all have similar Ah" values whereas those of System | are significantly different.

Table 7. Ternary Azeotrope of Ethanol (1)/Chloroform (2)/n-Hexane(3) [iv]

Parameters Ethanol (1) Chloroform (2)
Z1 dZ]_/dP Zo de/dP
Constant 0.42 (0.44) -0.2 (-0.2) 0.370 (0.358) 0.066 (0.08)
LinearinT 0.42 (0.44) -0.2 (-0.2) 0.367 (0.358) 0.068 (0.08)
Table 8. Ternary Azeotrope of Acetone (1)/Chloroform (2)/n-Hexane(3) [iv]
Parameters Acetone (1) Chloroform (2)
Z1 dz,/dP Z dz,/dP

Constant | 0.0358(0.065) | -0.014 (-0.01) | 0.695 (0.60) 0.054(0.1)
Linear in T | 0.0347(0.065) | -0.003 (-0.01) | 0.688 (0.60) 0.066(0.1)

3. Conclusions

In determining the variation of azeotropic composition with pressure, we have shown
that if enthalpies of vaporization of the components forming a binary or ternary
azeotrope are similar, e.g., all hydrogen-bonding, care must be taken in regressing
the parameters of the applied excess Gibbs energy model since the calculated
pressure sensitivity of these cases depends on the accuracy of predicting the
temperature dependence of activity coefficients. In particular, heat of mixing data
should be included and temperature-dependent parameters should be used in these
cases. However, if one or more of the components in a binary or ternary azeotropic
system have significantly different enthalpy of vaporization, e.g., nonpolar with
hydrogen bonding, the sensitivity of the estimate to the g& model is much less, and
prediction of composition dependence is adequate, regardless of the g5 model and
parameterization. Though the testing of these conclusions as presented here is
limited, we believe they are correct for all systems.
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Abstract

The characterization of mass transfer and transport phenomena in
liquid film flows is crucial in multi-phase unit operations as e.g.
distillation and absorption processes. On the other hand
experimental methods for the direct measurement of local transfer
parameters (e.g. diffusion coefficients, local mass transfer
coefficients) are still limited. These, however, are needed for the
optimal design of the complex equipment. In an attempt to overcome
these challenges, a measuring technique is needed that is able to
collect data with the actual conditions encountered. Therefore a non-
invasive optical measuring technique based on planar Laser-induced
fluorescence (PLIF) was developed, which enables the quantitative
determination of the local mass transport in liquid flows.

The fluorescence quenching technique is used for concentration
analysis of a gas absorbed in a liquid film. The absorption and
desorption process is visualized using oxygen in ethanol. A
Ruthenium complex with high quantum efficiency is used as
fluorescence indicator. The fluorescence is induced by illuminating
the region of interest inside the indicator solution with a blue laser. It
is strongly reduced by the presence of molecular oxygen as a result
of dynamic quenching. The decrease in intensity is detected and
interpreted by image analysis. The image analysis provides a
spatiotemporal value for fluorescence intensity and therefore enables
the direct characterization of local transport phenomena in the liquid
film flow of ethanol.

Keywords
Planar Laser-induced fluorescence, mass transfer, diffusion, liquid
flow, absorption, desorption

1. Introduction

In multi-phase unit operations the liquid phase often occurs as a film (d = 0.5-1mm).
Mass transfer correlations in the gas or liquid phase are important for the apparatus-
design. However, they are not well understood, as the measurements inside thin
liquid films are complex. Kohrt et al (2011) measured the integral mass transfer in
order to analyze the impact on different packing material textures to liquid-side
controlled mass transfer. In order to understand the effect of e.g. surface textures the
knowledge of the local mass transfer characteristic is essential. For this purpose, a
spatiotemporally resolved non-invasive technique is needed that does not disturb the
film flow and the transport process of interest.
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The Laser Doppler Anemometry (LDA) and the Particle Image Velocimetry (PI1V) are
well-established technologies that are applied to investigate the velocity field inside a
moving liquid. For concentration field measurement, (planar) Laser-induced
fluorescence techniques ((P)LIF) were developed: Minsterer and Jahne (1998)
described the oxygen transfer across the aqueous mass boundary layer at a free
water surface. Mass transfer observations across liquid-phase boundaries were
described by Muhlfriedel and Baumann (2000). Roy and Duke (2004) analyzed
concentration gradients at bubble surfaces in water. The interaction between oxygen
absorption into water as a function of shear-induced turbulence was investigated by
Herlina and Jirka (2004). Schagen and Modigell (2005) applied LIF for the
simultaneous measurement of oxygen concentration inside a liquid film and the local
film thickness. Charogiannis and Beyrau (2013) investigated evaporating liquid flows,
introducing the Laser-induced phosphorescence (LIP) imaging.

The optical measuring technique, presented in this work, enables the investigation
and quantification of mass transport inside a thin liquid film with high spatiotemporal
resolution. This enables the direct measurement and determination of the influence
of various structures on the flow characteristic and mass transport. The results could
be used to provide data for optimal apparatus-design and for the validation of CFD
simulations.

2. Results and discussion

The optical measurement system is designed for the direct (time and locally resolved)
investigation of the diffusion process of gas (oxygen) into a stagnant liquid (ethanol)
as well as the mass transfer process inside a moving film. In the first case, the
oxygen saturation along a thin slot is determined (= 1D). The second case is realized
by adding a second observation dimension (= 2D), so that a defined area can be
illuminated and interpreted.
Tris(4,7-diphenyl-1,10-phenanthroline)-rutheniumhexafluorophosphate
Ru(dpp)s(PFs)2, an orange powder with a molecular weight of 1388.19 kg/kmol, is
used as fluorescence dye (Aquoromax = 612 nm). Because of the dye’s high quantum
efficiency its concentration in ethanol is low (cqee =20 mg/l). The fluorescence is
induced by illuminating the region of interest inside the indicator solution with a blue
laser (Aem max = 405 nm).

The (P)LIF technique makes use of the fact that oxygen is a strong quencher, when
coming into contact with the Ruthenium-dye. The decrease in intensity occurs
instantly, so that abrupt changes in concentration distribution are registered.

2.1 LIF technigue for measurement of oxygen diffusion into ethanol

For the observation of oxygen diffusion into ethanol, the oxygen concentration profile
along a thin slot is measured. Therefore, a measuring chamber was designed and
built that is equipped with fittings for gases and liquids. A thin plate is placed in the
centre of the measuring room. Three cover glasses with defined thickness that are
glued on the front side of the plate form a slot. The chamber is made of polymethyl
methacrylate (PMMA). Figure 1 shows the flow sheet of the experimental set-up.
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Figure 1: Experimental set-up for the measurement of oxygen diffusion into ethanol: flow sheet. The
slot (marked in red) is filled with indicator solution and illuminated by laser light.

-l

The laser and the camera are positioned to the polished front side of the measuring
chamber. Before the experiment starts, the chamber is purged with nitrogen in order
to set the initial condition (oxygen-free atmosphere). After that, the measuring room
is filled with indicator solution, until the liquid reservoir stands about 1 mm high. The
liquid enters the slot from the bottom and rises inside the slot through capillary
forces. The high surface tension forces prohibit convective transport inside the slot,
so that only diffusion should occur.

The chamber can be inclined and equipped with different basic structures as well as
packing material textures.

The measurement of the fully oxygen saturated liquid is taken as reference. Figure 2
shows the intermediate status of the diffusion experiment. Here, the oxygen
saturation of the liquid is plotted as a function of the slot height y (y = 0 mm is located
near the surface) at different times of measurement.
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Figure 2: Progress of oxygen penetration into ethanol

An offset of 10% oxygen saturation at the beginning of the measurement (t = 0 min)
indicates, that the solution was not completely oxygen-free. The enrichment of the
near-surface area with oxygen can be registered after about ten minutes. According
to Fick’s Law, the oxygen concentration decreases towards the deoxygenated near-
bottom area.

The experiment was aborted after 30 minutes. The advance towards an even
saturation level is clearly evident.

2.2 PLIF technique for measurement of mass transport in liquid film flows

The enhancement of the LIF technique by adding a second observation dimension
leads to planar LIF (PLIF). A blue laser (Aemmax = 405 nm) that is positioned
perpendicular to the camera generates a light sheet (15 x 5 mm) inside a liquid flow.
The camera is positioned to the front side of the measuring chamber. In this way, the
change in oxygen concentration can be measured along the film thickness as well as
in flow direction in dependence on time. The first measurements are realized on a
plane surface. The measuring chamber is purged by nitrogen. The liquid flow is air-
saturated, when entering the chamber. For the first experiments that are shown here
the chosen film thickness is higher as it is normally found in liquid films. It will be
reduced to a height of about 1 mm in the next step.

The oxygen concentration distribution as a function of time and space is shown in
Figure 3.
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Figure 3: Gas transport into a moving liquid (uquis = 0.3 cm/s). The oxygen saturation of the liquid is
shown as a function of time and space.

Figure 3 exemplarily shows the oxygen saturation of a moving liquid as a function of
the flow direction and of the liquid height at three times of measurement (At = 1s).
The deoxygenation on the surface as a consequence of the penetrating nitrogen can
be monitored. It reaches deeper regions inside the liquid with advancing distance in
flow direction.

The developed measuring system demonstrates that the gas penetration inside a
liquid can be efficiently monitored by using the PLIF technigue. In the next step, the
film thickness will be reduced to 1 mm, as the measuring system is designed for
observation of liquid film flows under real operating conditions. With a camera frame
rate of t; = 15 s the penetration characteristic of a gas into and inside a moving
liquid will be analyzed with high time resolution.

Furthermore, the influence of different packing surface structures and of counter
current gas flow on the mass transfer will be investigated, as these measures are
both expected to intensify the mass transfer. This will be discussion in the
presentation.
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3. Conclusions

For the investigation of gas transport into a liquid, the material system
oxygen/ethanol with a Ruthenium complex as fluorescence indicator was found to be
suitable. A measuring technique based on (planar) Laser-induced fluorescence was
developed and could be demonstrated successfully. The time-dependent oxygen
concentration distribution is shown inside a stagnant liquid as well as inside a liquid
film flow.

In the next step, the experimental data will enable the determination of a mass
transfer correlation in liquid film flows and its interpretation for absorption and
desorption processes on different surface textures.
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Abstract

Peculiarities concerning phase diagrams and thermodynamic
singularities of reacting systems with liquid phase splitting are
considered. The main attention is given to the use of affinity for the
complex thermodynamic and kinetic consideration of processes and
equilibria in the systems with immiscibility area. The opportunities
and advisability of the use chemical affinity for the analysis of
separation and coupled processes in reacting media are considered.
The inclusion in the analysis additional topological elements —
stoichiometric lines, chemical equilibrium and iso-affinity curves,
surfaces or hyper surfaces — leads to results that are useful for more
precise characteristics of diagrams of heterogeneous reacting
systems. The critical states in multicomponent reactive systems are
discussed.

Keywords
Phase processes, phase diagrams, liquid phase splitting, critical
states, thermodynamic peculiarities.

1. Introduction

Liquid phase splitting in reactive systems may significantly influence on the run of
chemical engineering processes. On the one hand the splitting of the reacting
mixture leads to the unfavorable changes in reaction kinetics and hydrodynamic
conditions in chemical reactor. On the other hand the reactions in heterogeneous
media may be useful for the design of coupled processes “reaction + separation”
such as reactive extraction, reactive distillation or extractive distillation. In comparison
with non-reactive mixtures the diagrams of heterogeneous reacting systems include
some additional singularities: stoichiometric lines, chemical equilibrium and iso-
affinity manifolds, i.e. curves or surfaces (hyper surfaces) of constant affinity. The
special case is the presence of critical points of liquid — liquid (LLE) and vapor —
liquid (VLE) equilibria. In our work we consider some singularities of such systems
that are important for the design of coupled reactive and separation processes.

2. Results and discussion

2.1 Some thermodynamic peculiarities of reacting systems in the case of the splitting
of reaction mixture

The shifting of the composition of initial homogeneous system in the run of
nonequilibrium chemical reaction or in coupled reaction — mass-transfer process may
be accompanied by splitting of solution. In other words, the stoichiometric lines may
cross or fall into immiscibility gap. Such case could be undesirable for the process
design: one should take into account the multiphase flow and peculiarities of
heterogeneous kinetics. The data on the topological structure of phase diagrams
including the disposition of critical points would help to choose the initial
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compositions of the mixture to avoid the ingress in heterogeneous area. In
symposium lecture we present various diagrams of multicomponent reactive systems
with immiscibility gap. Now we will consider peculiarities that concerns additional
thermodynamic regularities of phase diagrams caused by chemical reactions.

The thermodynamic description and analysis of phase diagrams singularities may be
discussed in the terms of affinity. The change of the affinity on binodal curves is
determined by the run of chemical equilibrium curve, tie-lines and stoichiometric lines
dispositions in composition triangle. The correct thermodynamic analysis should be
carried out on the base of conditions of stability and phase equilibrium.

The concept of affinity was introduced by De Donde and was developed by Prigogine
and co-workers®. In general affinity (A) should be determined by uncompensated
heat (Q") of arbitrary process

Q' = Adé >0,

where & is internal parameter which characterized the run of the process'. In the

case of chemical reaction the affinity could be presented by algebraic sum of
products v, 4,

A= _zvi:ui '

where y and v, are chemical potential and stoichiometric number of specie i
respectively; v, are positive for reaction products and negative for initial reagents; for

chemical reaction & is reaction extent. The affinity is useful for the analysis of

thermodynamic peculiarities of the systems with chemical interactions: the affinity is
also the parameter of chemical kinetics and is connected with reaction rate V as
following:

AV >20.

Thus the affinity has the same sign as reaction rate. When affinity is equal to zero the
rate also takes null value, i.e. the system would be in chemical equilibrium.
Unfortunately the application of affinity for the design of reacting systems separation
is very limited in spite some useful relationships related to LLE and VLE. For
example in the point of extremum of pressure on stoichiometric line in VLE reacting
system the following condition holds: tie-line touches iso-affinity curve. It also could
be ordinary azeotrope or the point where concentration derivative of affinity has a
zero value (rare case)®’. Some additional aspects concerning the significance of
affinity in VLE consideration would be discussed in symposium lecture. Now we will
consider the special cases of extremum of the affinity at the curves of LLE. In LLE
(reactive or non-reactive) the following condition for chemical potential of any
component are valid:

1 2
ﬂi( : :,Ui( !,
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where superscript is the index of phase. Respectively the affinity also has the equal
value in phases

AW = 4%, (1)

In general the dependence of affinity on composition is given by stability conditions.
At constant temperature both for homogeneous and heterogeneous condensed
systems the necessary stability conditions could be presented in following form:

dy,dm, +dg,dm, +...+dg,dm, >0.

where m, is number of moles of specie i; the influence of the pressure on chemical

potentials of components in condensed phases may be neglected. Because all
species are reagents or products of reaction the change of them could be presented
by mean of reaction extent¢:

_dm, _dm, :_”:dmn _den),

v Vv, 1%

therefore for stability condition the following equations hold:

dA
—dAdé >0, HE<0' )

The last inequalities has the well-known form®* but now we consirder not only
homogeneous but also heterogeneous (splitted) solutions. In paper®, for the sake of
simplicity, futher considerations concerned only ternary systems. For example one of
possible cases of mutual disposition of stoichiometric lines, tie-lines, binodal and CE
curves is presented in Figure 1 for the fragment of composition triangle.

Figure 1. Stoichiometric lines (—) for direct and reverse reactions, binodal (----), tie-
lines (----) and CE curve (==): fragment of diagram of ternary LL system; ==== — the
unique reactive tie-line.

One of tie-lines on Figure 1 belongs to CE curve; it is so-called unique reactive tie-
line*. The affinity on unique reactive tie-line because it corresponds to CE is of zero
value. According to Eqg. (2) the affinity for direct and reverse reactions in the vicinity
of CE along the stoichiometric lines should decrease. Because of it the shifting along
the branches of binodal to the unique reactive tie-line (i.e. CE curve) should be also
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accompanied by the decreasing of affinity.

Other examples for ternary systems are presented in Figure 2. Arrows indicate the
direction of stoichiometric lines, i.e. the run of reaction. In assumption of validity of
Eq. (2) the affinity diminishes in this direction. According to Eqns. (1) and (2) the
affinity on tie-line “c” (Figure 2a) has a greater value in comparison with tie-line “a”
and “b”. Therefore on binodal branches the affinity falls in the process of transfer
from tie-line “c” to “a™.

The second example for ternary system corresponds to the extremum of affinity on
binodal curves (Figure 2b); it is also a special case of unique reactive tie-line. The
type of extremum is determined by a slope of neighboring tie-lines relatively to
considered stoichiometric line: the case of Figure 2b corresponds to the minimum of
affinity on binodal.

Figure 2. Two cases of disposition of tie-lines, binodals, chemical equilibrium curves
and stoichiometric lines: fragment of diagrams of ternary LL system. The notation for
lines and curves is the same as in Figure 1. The description of cases “a” and “b” is
given in the text.

These and other similar conclusions (see paper®) could be generalized for the
systems with arbitrary numbers of components - quaternary and other
multicomponent systems. The general conclusions for reacting systems with
immiscibility area are following:

- the change of the affinity on binodal is determined by the slope angle between
tie-lines and stoichiometric lines,

- the concordance of tie-line with the run of stoichiometric line corresponds to
extreme value of affinity on binodal (or inflection point).

Now we considered particular case of iso-affinity manifolds, i.e. CE. More detailed
conclusions follow from consideration of the general case of iso-affinity curves,
surfaces or hypersurfaces. Any case presented examples show that the inclusion in
the analysis of diagrams of reactive systems such elements as stoichiometric lines,
CE and isoaffinity manifolds gives opportunity to set an additional thermodynamic
conditions and specify the topological structure of diagrams. From our point of view it
may be also usufull for the design of separation or coupled processes.

2.2 Critical states of LLE in quaternary reacting systems
The experimental data on critical states in reacting systems could be considered on
the base of our recent data on the systems with ester synthesis reactions (e.qg.
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papers® °*°). The experimental data sets on quaternary systems at few temperatures

gave the opportunity to construct the polythermal critical surface (the case of propyl
acetate synthesis reaction). The disposition of critical curves (at given temperature)
or critical surface (for poly-thermal conditions) gives the opportunity to take into
account the borders of immiscibility area in composition tetrahedron. Combined with
LLE data one can determine the possibility of reacting system to fall into
heterogeneous region in the run of chemical reaction. The last case could be
undesirable due to the hydrodynamic conditions in reactor and kinetic problems (the
difference of reaction rate in different phases). The illustrations will be given in
symposium lecture. There are some other features concerning the critical states in
multicomponent reacting systems. For example the diagrams of systems with ethyl
acetate and n-propyl acetate synthesis reactions are slightly differ. In the system with
n-propyl acetate synthesis reaction CE is realized both in homogeneous and
heterogeneous area (in the region of reaction solution splitting). Accordingly there are
critical phases of LLE which are in simultaneous CE. The system with ethyl acetate
synthesis reaction reaches CE states in homogeneous area only. Of course these
conclusions are limited by conditions of our experiments (293.15 — 313.15 K).

Some other experimental examples of our studies on phase diagrams and
thermodynamic singularities of reacting systems with liquid phase splitting could also
be found in our recent papers***?.

3. Conclusions

Some thermodynamic peculiarities concerning phase diagrams and separation
processes in reacting systems are considered. The opportunities and advisability of
the use chemical affinity for separation design in reactive systems is considered. The
analysis of state diagrams of heterogeneous reacting systems should include
additional elements, such as stoichiometric lines, chemical equilibrium and iso-affinity
curves or surfaces (hyper surfaces). The critical states of phase equilibrium including
polythermal critical surfaces are also discussed. The knowledge of peculiarities
considered would be useful for optimization of the design of separation in the reactive
systems including coupled processes.
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Entrainment and Weeping in Sieve Tray Columns
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Abstract

This study endeavoured to improve the current understanding of the
effects of different fluid physical properties on weeping and
entrainment in a sieve tray column with varying fractional hole area
and sieve tray hole diameter. Fluid properties, such as viscosity,
surface tension and density were shown to have a significant effect
on the entrainment rate, but entrainment was also strongly influenced
by the dispersion characteristics above the tray. As observed by
previous researchers (Bennet et al.,, 1995; Kister, 1992; Lockett,
1986), hole diameter had a prominent effect on the entrainment.
Entrainment increased with increasing hole diameter (between 3.2
mm and 12.7 mm) and decreasing fractional hole area at liquid flow
rates below 20 m®(h.m) and above 60 m®(h.m). However, hole
diameter and fractional hole area had a minimal effect on
entrainment at intermediate flow rates around 25 m%(h.m) to 50
m®/(h.m). The weeping rate as a function of liquid flow rate showed a
parabolic dependence on liquid flow rate. Important distillation
parameter (e.g. entrainment, weeping, etc) could be correlated as a
function of well-known hydrodynamic dimensionless numbers as
basis, such as the Weber number (We), Froude number (Fr) and
Reynolds number (Re).

Keywords
Sieve tray, distillation hydrodynamics, entrainment, weeping, fluid
properties

1. Introduction

Distillation is widely used in the chemical process industry for the large-scale
fractionation of liquid mixtures. Despite the fact that it is a mature and well-
established technology, the continuous improvement and optimization of related
designs are still necessary to ensure future cost effective operation of distillation
units. In order to characterise and predict the performance and capacity limits of a
distillation column, the thermodynamics, hydrodynamics and the mass transfer
phenomena inside the column need to be understood clearly.

In this study, the hydrodynamic effects inside a sieve tray column were investigated
at zero mass transfer, i.e. passing pure liquids and gases with different physical
properties in counter-current fashion to characterise phenomena such as entrainment
and weeping with different sieve tray configurations.

The objectives of the investigation were:
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e to characterise the effect of liquid properties on entrainment and weeping by
changing the surface tension, viscosity and density of the liquid,;

e to characterise the effect of gas properties on entrainment and weeping by
changing the viscosity and density of the gas;

e to establish a rudimentary understanding of the effect of changing sieve tray
hole diameter and fractional hole area on entrainment and weeping while
varying the physical properties of the fluids.

2. Experimental setup

The pilot distillation column — as used for related experiments - was rectangular in
shape with internal dimensions (width x length) of 175 mm by 635 mm (Uys et al.,
2012). A chimney tray was used to capture the weeping liquid at the bottom and a
de-entrainment tray combined with a mist eliminator pad captured the entrained liquid
at the top. The up-flowing gas flowed out through the top of the column and back into
a surge tank, which also absorbed potential pressure fluctuation of the gas, before
being recycled to the column.

The fractional hole areas of the different sieve trays were 7%, 11% and 15%, while
hole diameters were either %, Y4, or ¥ inches (3.2, 6.4, or 12.7 mm). Butanol,
ethylene glycol, water and silicone oil were used as liquids, and the gases were air
and carbon dioxide (CO5).

3. Results and discussion

3.1 Effects of Column Configuration and Fluid Physical Properties

The dispersion behaviour inside the sieve tray column could be categorised into two
typical regimes, i.e. the spray regime [Q. < 25 m%/(h.m)] and froth regime [Q. > 25
m?3/(h.m)], where Q. is the liquid flow rate per weir length. One could also observe
the two typical dispersed liquid layers above the sieve tray, i.e. the froth layer (liquid
bottom layer) and the spray layer (top droplet layer). At low liquid flow rates the
dispersion was unstable and sloshed in random fashion, whereas at high liquid flow
rates the dispersion appeared to be more uniform and stable across the tray.

Entrainment was shown to be far more sensitive to the sieve tray fractional hole area
at low liquid flow rates [typically < 25 m*/(h.m)] than at moderate flow rates [between
25 and 60 m*/(h.m)]. An example is shown in Figure 1, where entrainment — depicted
by L'/D — is notably more prominent at smaller fractional hole areas of 7.3% and low
liquid flow rates. At higher liquid flow rates [above 60 m®/(h.m)] the entrainment rate
increased again with decreasing fractional hole area.

Figure 2 provides an example of the interaction between weeping rate and sieve tray
hole diameter at varying liquid flow rates. The weeping rate approaches zero as the
flow rate increases. The trends are less obvious, and there is little to choose between
the 3.2 mm and 6.4 mm hole sizes. However, the 12.7 mm hole size caused notably
less weeping than the other two at higher liquid flow rates, reaching a zero weeping
rate at a lower liquid flow rate as the flow rate increases for all fluid combinations.
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Figure 1: Effect of fractional hole area on entrainment (L'/G) for silicone-oil/CO, with
a 12.7 mm hole diameter and a superficial gas velocity (us) of 2.3 m/s.
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Figure 2: Effect of hole diameter on weeping (W'/G) for silicone-oil/air with a 15%

fractional hole area and a superficial gas velocity of 1.7 m/s.

Figure 3 shows typical liquid dispersion profiles observed on distillation trays, as
proposed by (Uys et al., 2012). These are now used to describe the trends observed
for entrainment and weeping. Note that a low liquid fraction is believed to be present
at the tray floor in zones with high dispersion peaks. In these zones, the liquid flow
trajectory corresponds best with the upward gas flow trajectory (i.e. the liquid ‘jumps’
over tray holes). Subsequently, as this dispersed liquid drops down to the plate, a
localized high-pressure zone is formed (i.e. the liquid predominantly follows a
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downward trajectory onto the plate, thus countering the upward movement of the
gas). Such high pressure zones could correspond with higher levels of weeping,
while the dispersion peaks could correspond with higher levels of entrainment. A high
pressure zone is also believed to occur as the liquid enters the tray and before the
first dispersion surge.

At both high gas flow rates and high liquid flow rates, the dispersion peaks are higher
and more extended dispersion layers are formed, thus covering larger flow path
lengths. Subsequent high pressure zones (where the dispersion layers collapse and
more weeping is believed to occur) thus develop at longer flow path lengths closer to
the overflow weir. Profiles 1 to 5 represent the systematic change in dispersion
patterns observed above the sieve tray as the liquid flow rate is increased. Profile 1
represents the dispersion in the so-called spray regime, where the first dispersion
peak occurs at a relatively short flow path length, so that another dispersion peak can
develop fully before the liquid reaches the overflow weir. This oscillatory behaviour
(allowing two unstable dispersion peaks and pressure zones to form) indirectly
increases the dependence of entrainment rate on the plate hole characteristics.

As the liquid flow rate increases, the dispersion profile changes from profile 1 to 2
and then to 3, where profiles 2 and 3 show typical dispersion trends for intermediate
liquid flow rates around 25 m®(h.m) to 50 m%(h.m). At these flow rates, the
dispersion becomes stable; less dependent on the upward gas force and more
dependent on the horizontal liquid force. As the liquid flow rate increases further, the
dispersion profile changes from 3 to 4. At this point, the dispersion becomes highly
dependent on the gas velocity, where high gas velocities lead to entrainment
flooding. When the liquid flow rate increases further, the high liquid cross flow
causes the liquid to jump’ over the entire flow path length, which results in a close to
zero weeping rate.

Increasing Liquid Rate

<«—— Downcomer

Liquid Build-
up at Outlet

weir —]

Weir

— ‘Clear Liquid’

I 4 —
(@) 1
/
High Pressure

o Areas
O« Weeping

Figure 3: Liquid dispersion trends. Adapted with permission from Uys et al. (2012).

3.2 Dimensionless Numbers Predictive Models Trends

The experimentally measured entrainment and weeping rate data were correlated
against selected dimensionless numbers, such as the Froude and construction
numbers, in order to identify potential prominent trends. The Froude number defines
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the ratio of the inertial forces to the gravitational forces acting on the fluid, where the
form of the modified flow Froude number (Fr*) in equation 3.2.1 is taken from (Uys,
2012). The effect of tray geometry on the entrainment rate (L'/G) is evaluated using
the construction number (Co) in equation 3.2.2 which is a dimensionless number
identified by (Kozoil & Mackowaik, 1990). The construction number is shown by
equation 3.2.2, which relates the fractional hole area (As), tray spacing (S), column
diameter (D) and hole diameter (dy) to one another.

3 n
Frt = 36;%(%) - Modified flow Froude number [3.2.1]
L 1= Pg
Co =2 - Construction number [3.2.2]

1
2

(DCdH)
1000

30% -
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Figure 4: Entrainment (L'/L) changing with the modified flow Froude number (Fr") to
construction number (Co) ratio for water/air at a fractional hole area of 15% and at
different hole diameters.

The entrainment rate (L'/L) is plotted against the ratio of the modified flow Froude
number (Fr*) and construction number (Co) for a water/air system (Figure 4) and at
different sieve tray hole diameters, where n is taken as 0 in equation 3.2.1, since a
single system is analyzed in Figure 4. The modified flow Froude number is shown to
be one of the most significant dimensionless numbers since it has a monotonic
relationship with the entrainment rate for a particular system and tray configuration.
The construction number is shown to be a useful dimensionless number that could
be used to describe the effect of tray geometry on the entrainment rate. The Froude
and construction number ratio in Figure 4 describes the effect of tray hole diameter
on the entrainment rate when the construction number is plotted to the power of 1.65.
In a similar plot, the effect of fractional hole area on the entrainment rate can be
described when the construction number is plotted to the power of 1.6.
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3. Conclusions

At intermediate liquid flow rates [between 25 m%(h.m) to 50 m3(h.m)] the
entrainment rate is not strongly dependent on the sieve tray hole diameter and
fractional hole area. However, at liquid flow rates above and below this range,
entrainment increases with increasing sieve tray hole diameter and decreasing
fractional hole area.

In the evaluation of the effect of the sieve tray hole diameter on the weeping rate, it
was shown that the trends differed notably with changing fluid combinations.
Furthermore, the 12.7 mm hole size caused notably less weeping than the 3.2 mm
and 6.4 mm trays at higher liquid flow rates. At low liquid flow rates the dispersion
peaks occurred at a low flow path length. Consequently, more than one dispersion
peak and localised pressure zone could develop before the liquid reached the
overflow weir. This amplified the dependence of the entrainment rate on the fractional
hole area in the specific test rig. It is believed that weeping occurred preferentially at
so-called localised high pressure zones on the sieve tray. At high gas and liquid flow
rates, the resultant extended dispersion layer allowed minimal intimate contact
between the plate and the liquid (minimising such localized high-pressure zones). In
effect, the liquid ‘jumped’ over the entire flow path length in the test rig, thus resulting
in low weeping rates at high gas and liquid rates.

A fundamental dimensionless number analysis confirmed that well-known dimension-
less numbers could be used to develop entrainment and weeping rate correlation.
The modified flow Froude number was shown to be the most useful dimensionless
number, since it displayed a monotonic relationship with the entrainment rate for a
particular system and tray configuration. The construction number was shown to be a
useful dimensionless number that could be used to describe the effect of tray
geometry on the entrainment rate.
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Abstract

In conventional heat integrated distillation columns (HIDIC), the
internal heat exchange is executed between the pressurized
rectifying section and the stripping section which are located at the
same elevation. In such a structure, the amount of heat exchanged
between two sections depends on the temperature profile of both
sections. This suggests that more energy saving may be achieved by
providing appropriate arrangement of heat exchanges between
sections.

We extended the graphical design method of the heat exchange
structure in HIDIC, which was proposed in a previous paper, to a
multi-component system by adopting the idea of a quasi-binary
system. Also, we developed a new HIDIC structure that can realize
the outcomes of the proposed design method. The economics of the
proposed structure was precisely evaluated through a case study of
a commercial scale column.

Keywords
Energy conservation, HIDIiC, Multi-component, H-xy diagram

1. Introduction

In view of energy conservation of distillation columns, the reversible distillation
provides the ultimate figure. The heat integrated distillation column (HIDIC) attracts
great attention since its concept is to realize a similar enthalpy profile inside of a
column as that in reversible distillation (Nakaiwa et al.,2003). Usually, as a hardware
structure, heat exchange between the stripping and rectifying sections at same
elevation has been discussed since HIDIC was first proposed by Mah et al. (1977).
With such pairing of heat exchange, the heat duty at each internal heat exchanger is
merely the consequence of temperature difference of the sections involved in the
heat exchange. Accordingly, the heat duty largely depends on the temperature profile
of the column, and is fairly different from that of the reversible distillation column.

Wakabayashi and Hasebe (2013) proposed a completely new approach to design
of the HIDIC by providing the side heat exchange arrangement appropriately. In the
proposed design method, the condenser and the reboiler are regarded as candidates
of heat exchange stages in addition to the internal stages in the rectifying and
stripping sections. Then, i) composition/stage to provide an optimal side heat
exchange arrangement, ii) heat duty to each side heat exchanger, and iii) pairing of
side heat exchangers, are derived. These values are derived so that the enthalpy
profile in the column becomes close to that with the reversible distillation.

In this paper, we extend the design methodology developed by us for a binary
system applied to a multi-component system. Moreover, a new HIDIC structure
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realizing the outcomes of the proposed design methodology is presented. The
economics is also evaluated on the newly proposed HIDIC system.

2. Design methodology for multi-component system

Here, the design methodology developed for binary system is generalized so as
to be applied to multi-component system. The method takes a graphical approach, in
which the Ponchon-Savarit H-xy diagram is largely modified. Due to space limitations,
and as the procedure is similar to that for a binary system, only the outline is
explained.

2.1 Set the target energy saving by HIDIC to conventional distillation system

The unique feature of the proposed methodology is that the target energy saving
with HIDIC to the conventional distillation column is determined in advance, and then
the side heat exchange arrangement to satisfy it is investigated. When a distillation
problem is given, the number of theoretical stages, N+.cony @and the reboiler duty of a
conventional distillation column, Qony, are first calculated, taking the fixed and
operation costs into account. In referring to Qr.conv and Nt-conv, the reboiler duty, Qr,
the compressor power, Ws, and the number of theoretical stages, Nt, are decided by
design engineers. The operating pressure at the stripping section, Ps, in HIDIC is set
at this stage. In this research, it is assumed that the heat exchange is not executed at
every stage. Thus, the number of heat exchange stages, Ng, is also decided.

2.2 Calculation of artificial vapor-liquid equilibrium condition and enthalpies

For a binary system, once the liquid concentration of one component is given, the
composition and the enthalpy of the vapor at the saturated condition can be identified
uniquely. Subsequently, the enthalpy curves at saturated conditions can be drawn on
an H-xy diagram. However, in the multi-component system the composition and the
enthalpy are not determined by the concentration of single component. Also, in the
multi-component system, the possible composition range in a column depends on the
feed and product compositions. By taking this fact into account, the multi-component
system is approximated to a quasi-binary system.

First, a rigorous simulation that satisfies the product specification is executed for
conventional distillation column with Nt stages. The obtained components are
divided into two groups based on the key components of the separation. The light
key component and lighters are regarded as the light component, whereas the heavy
key components and heaviers are regarded as the heavy component in the system.
Then, for the quasi-binary system, the artificial vapor-liquid equilibrium condition and
the enthalpies of the vapor and liquid are defined. This makes it possible to treat the
multi-component system as a quasi-binary system.

2.3 Provide the ideal side heat exchange arrangement in the stripping section

In the reversible distillation condition, the stripping section has an infinite humber
of stages, and the equilibrium line and the operating line are overlapped. Heat is
added to each stage to satisfy the enthalpy change of the reversible distillation. The
distillation curve on H-xy diagram for such ideal condition is hereafter called the
reversible distillation curve, RDC. To draw RDC on an H-xy diagram, the equilibrium
line of arbitrary composition, e.g. Xsj, is extended until it comes across x = xg. The
enthalpy at x = xg, i.e.hg’; on Figure 1, is the enthalpy of bottoms at hypothetical state
corresponding to Xs;.
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2.4 Determine the side heat exchange arrangement in the stripping section

The relationship between the liquid composition of the light component in quasi-
binary system and the corresponding hypothetical enthalpy is termed the operating
locus in the stripping section. First, the ideal operating locus is drawn by shifting RDC
downward. This curve is the shifted reversible distillation curve, S-RDC. The distance
between RDC and S-RDC is determined so that the number of theoretical stages
becomes the pre-specified value when the composition and enthalpy change are
given in accordance with that S-RDC (See Figure 2). Once the location of S-RDC is
determined, the operating locus is provided so as to be overlapped with S-RDC. As
the number of side heat exchangers is given, the operating locus becomes a
piecewise flat line. The composition and the amount of enthalpy change, g, are
adjusted so that the obtained number of stages agrees with the pre-specified value.
The determination of the operating locus in the stripping section means that the heat
exchange stage and its composition and the heat duty for each side heat exchangers
are decided.

2.5 Provide the ideal side heat exchange arrangement in the rectifying section

Similar to the stripping section, RDC can be provided for the rectifying section on
H-xy diagram. First, from the reboiler duty, compressor power and the total heat
duties of side heat exchanges which are calculated in section 2.4, the pressure at the
rectifying section, Pg, is calculated. Once Pgr is decided, the artificial vapor-liquid
equilibrium condition and the enthalpies of the vapor and liquid are defined by the
procedure explained in section 2.2. By using the obtained data, the enthalpy curve of
saturated liquid and vapor at Pr can be drawn. Then, RDC in the rectifying section is
provided in the similar manner of the stripping section (See Figure 3).

2.6 Determine the side heat exchange arrangement in the rectifying section

The overall heat balance of HIDIC including the total heat duties of side heat
exchanges can be shown as the straight line across (xg, h3), (zr, he + Ws/F) and (xp,
h9) (See Figure 3). Note that h3 represents hgy — Q./B — Y. q; /B, and hY represents
hp + Q./D + 3. q, /D. Since } q; is already determined through the study in the
stripping section, (xg, h3) is known. (z¢, hg + Ws/F) is also known since Ws is given as
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Figure 1 RDC on H-xy diagram Figure 2 S-RDC and ope. locus on H-xy diagram
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a premise. Therefore, (xp, A9) can
be uniquely identified. Here, S-RDC
in the rectifying section is provided
so as to pass through (yg, h3). Thus,
the position of S-RDC can be
uniquely determined. Besides, each
gk has been already decided in the
stripping section. So, the operating
locus starting from point (xp, h})
changes its enthalpy step-wise
according to the values of gx. The
operating locus should be given so
as to overlap with S-RDC. The
location of composition change is
determined so that the number of
theoretical stages meets the pre-
specified value.

2.7 Confirmation of temperature
difference of each side heat
exchangers
To get the temperature

information, the T-xy diagram is

integrated with the H-xy diagram
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(Figure 3). When the enthalpy
curves were provided by using
simulation results, the temperature
has been also available. Since the
composition for the enthalpy change
to occur has been known, the temperature corresponding to the composition can be
readily taken from the dew/bubbling point temperature curves.

Finally, by using the rigorous process simulation, the conditions obtained through
the graphical method are verified.

Figure 3 Overview of design methodology on
H-xy & T-xy diagram

3. Novel HIDIC structure to realize outcomes of design methodology

The side heat exchange structure obtained by the design method in Chapter 2 is
quite different from that of the conventional HIDIC structure. The limited number of
side heat exchangers is used and the heat exchange is not executed between the
stages at the same elevation. These characteristics suggest departing from the
concentric structure.

To realize the concept, a novel HIDIC structure depicted in Figure 4 was
developed (Japan Pat. 4803470, 2011). This new structure consists of well-utilized
equipment in industries. For instance, the normal tray/packing are used as column
internals, and side heat exchanges are executed by stabbed-in type heat exchangers.
What is different from a conventional distillation column is that the low pressure
stripping section is installed above the high pressure rectifying section. With such
structure, the following advantages can be enjoyed:

- Side heat exchangers can be installed at the stage/composition where the design
method suggests.
- Side heat exchangers can be paired in line with the design results. Such pairing
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Fig.4 Process flow diagram based on results of case study for new HIDIC structure

is achievable by installing the stabbed-in type heat exchanger at a decided stage
in either the rectifying or stripping section and by connecting the piping externally
from the counter stage to the tube side of the heat exchanger. Since the stripping
section is located above the rectifying section, the heat exchange can be
accomplished by thermo-siphon effect or gravity.
- Heat duty of side exchanger can be given in line with the design results. This is

because the heat transfer area of the stabbed-in heat exchanger can be changed
S0 as to meet the required duty. Thus, the heat duty is not merely dependent on
the temperature difference of the paired stages.

Accordingly, the proposed novel structure can have an optimized enthalpy profile

inside of the column in keeping a sufficient temperature difference at side exchanger.

4. Economics of the proposed HIDIC structure

The economics of the proposed HIDIC was evaluated through a case study of a
commercial scale xylene column separating C8 aromatics from C9 heaviers (See
Table 1). The reboiler duty, Qconv, Of the conventional distillation column operating at
a reflux ratio that is 1.15 times larger than the minimum reflux ratio is 4.78 MW at
operating pressure of 106.3 kPa. The target energy conservation was given as 50%.
Here, Q, was assumed as 478 kW, which corresponds to 10% of Q.conv, and
subsequent Ws was set as 700 kW with the power generation efficiency of 36.6%. N+
in HIDIC was set as identical to that in the conventional distillation. And Ng was set
as four. We used the steady state equilibrium model simulator of Pro/Il and Soave-
Redlich-Kwong equation for properties prediction model.

The side heat exchange arrangement, inlet temperature difference, and heat
transfer area obtained by the design are summarized in Table 2, together with Q,, Ws
and Pr. The obtained Q; and Ws were 462 kW and 650 kW, which is quite similar to
the set values. With the appropriate overall heat transfer coefficient, the heat transfer
area is good enough to be installed in the column diameter decided based on vapor
and liquid traffic inside of column. The subsequent energy saving was 53% for the
conventional distillation. The new HIDIC structure to realize the design results was
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already given in Figure 4. To evaluate the economics, the total investment cost (TIC)
for the new HIDIC system and the conventional distillation system was calculated.
With the obtained material/heat balance, the equipment size was calculated for both
systems. TIC for each system was calculated as per the procedure described by
Turton et al.,2012. Note that the TIC here corresponds to a grassroots cost in the
referenced literature. Under the utility cost of 13K steam as USD 30/ton and the
electricity as USD 0.12/kWh, the operating costs (OC) for both systems were
calculated as in Table 3.

The differences of these values between the conventional column and the new
HIDIC are expressed by ATIC and AOC, respectively. From ATIC and AOC, the
payout period was calculated for evaluation. The operating time per year was
assumed as 8000 h/y. ATIC and AOC were USD 3.46 x 10° and USD 1.28 x 10°,
respectively. Subsequent ATIC/AOC was 2.7 years. Such a payout period is well
within the criterion in industry of three years.

5. Conclusions

The graphical design methodology which had been proposed in a binary system
was extended and applied to a multi-component system. It was confirmed that the
side heat exchange arrangement in a multi-component system can be determined as
similar to that in a binary system. Furthermore, a new HIDIC structure was developed
by which the side heat exchange arrangement obtained by the proposed method can
be realized. It was demonstrated that the new structure shows attractive economics.
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Table 1 Process condition for case study

Table 2 Results of case study

Feedrate [kmols] 118 Reboiler duty, Q, [kw] 462
Feed composition [mol %] Compressor power, Ws [kW] 650
Toluene / Ethylbenzene 0.5/10.0 P _p ! .
plmio-Xylene 11.0/25.0/ 145 Ope. press. in rect. section at top/bottom [kPa] 2459/ 252.1
Cumene / n-propylbenzene 1.0/2.2 Side exchanger conditions
m-Ethyltoluene / 1,2,3-trimethylbenzene 15.8/20.0 Combination Duty,q, Inletdelta-T Heat trans.area
st s () : S T < =
] - 24.0
C9 aromatics in distillate [mol %] 0.7 EO ; 8515 F;ll 1;23 146 12[11
C8 aromatics in bottoms [mol %] 15 0. > '
NTS at rect. section & strip. section [-7-] 30/25 No.3 S22-R6 787 108 182
HETP of column packing [m] 0.35 No.4 S25-R22 1193 11.9 250
Overall heat transfer coefficient
i 2 - - . B
Tube bundle in vapor space [kwi(m'K)] 060 Table 3 OC of new HIDIC and conv. distillation system
Tube bundle in liquid pool [kW/(mZK)] 0.85 - -
Pressure drop New HIDiC Conv. dist.
Theoretical stages [kPa/stage] 0.22 Reboiler duty . [MW] 0.462 4.78
Condenser / Reboiler [kPa/kPa]  50.0/0.05 Steam consumption [kg/h] 848 8787
Pressure in strip. section [kPa] 106.3 Shaft power
Compressor/Pumps  [kKW] 650/ 15 -112
Cost for steam [k USD/y] 204 2109
Cost for electricity [k USD/y] 638 12
Total utility cost [k USD/y] 842 2120
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Enlarged Operation Ranges for Thermosiphon Reboilers Using

Thermoplates
Robert Goedecke, Stephan Scholl
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Engineering, Braunschweig, Germany

Abstract

Thermosiphon reboilers are widely used as reboilers in distillation
columns and as evaporators in the chemical and petrochemical
industry. The main reasons are the low investment and operating
costs. Additionally high heat transfer and low fouling tendency are
characteristic for this apparatus. The heat transfer and the fluid
dynamics are strongly linked in thermosiphon reboilers. Because of
this reason the operation range of these evaporators is limited.
Thermoplates offer a very good heat transfer with a low pressure
drop. Therefore great potential is expected for their use in thermo-
siphon reboilers. Evaporation experiments with a thermosiphon
reboiler consisting of three thermoplates with a heat transfer area of
0.7 m2 were carried out with water and a water-glycerol mixture. The
total pressure, the static liquid head and the temperature difference
between heating and evaporation side were varied. The circulation
rate and heat transfer were measured. Stable self circulation was
seen over a wide range of influence parameters. Even at low total
pressures and at low static liquid heads the self circulation was
stable. For water, even at an overall temperature difference of 5 K, a
stable self circulation was obtained.

Compared to literature data for tubular thermosiphon reboilers the
operating limits for thermoplate thermosiphon reboilers can be
increased, especially at low total pressures, low static liquid heads
and low temperature differences. The measured heat transfer is
increased compared to tubular stainless steel thermosiphon
reboilers.

Keywords
Thermoplate, thermosiphon reboiler, stability, operation range

1. Introduction

Of all reboilers types, thermosiphon reboilers are most widely used in chemical
industry [1]. They show very good heat transfer and a low fouling tendency. This
apparatus is characterized by a simple setting and low investment and operation
costs since no circulation pump is required. Furthermore the shear stress on the
product is comparatively low.

The self circulation in the evaporator is caused by pressure differences between the
column and the evaporator tube due to the density difference of the liquid in the
column and the vapor-liquid mixture in the evaporator. Inside the evaporator a
characteristic temperature profile over the height of the evaporator can be observed.
At the inlet of the evaporator the liquid enters subcooled, mainly caused by the
hydrostatic pressure. First the temperature of the liquid increases in the heating zone
due to single phase heat transfer. When nucleate boiling in the bulk flow can be
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observed, the temperature decreases according to boiling temperature, because the
hydrostatic pressure is decreasing. This is the evaporation zone [2].

The static liquid head hgs* is defined as the ratio of liquid height in the column hg to
the height of the heat transferring area L. For a thermoplate heat exchanger L is the
height of the thermoplates.

Disadvantages of thermosiphon reboilers are the very complex design as fluid
dynamics and heat transfer are strongly connected. The operation range is limited
due to this reason. An evaporation pressure of paps 2 200 mbar and a temperature
difference between heating side and evaporation side of AT, = 12.5 K should be
applied to guarantee a stable operation [3].

Generally thermoplates are used in the food industry for vessels or in the chemical
industry as condensers in columns [4]. Due to manufacturing, thermoplates have
pillow structures which can increase the heat transfer associated with low pressure
drop. The geometry of the thermoplates can be varied over a wide range of
parameters, such as pillow size, welding point size and, weld point distance, the plate
size and the distance of plates to each other. The main advantages of thermoplate
apparatuses are the compact and light design and good heat transfer properties.
Therefore thermoplates are promising for the use as thermosiphon reboilers. In this
work the applicability and the operation range of thermoplates for the use as a
thermosiphon reboiler were investigated

2. Results and discussion

2.1 Experimental setup

The experiments were carried out with the thermoplate apparatus E1 which consists
of three thermoplates with the geometry of 800 x 1.5 x 220 mm (height x wall
thickness x width) and an overall heat transfer area of A = 0.7 m2. The flow diagram
of the experimental setup is shown in Figure 1.

The circulating mass flow was determined using a coriolis flow meter and the
temperature profiles within the apparatus were measured. In vessel V1 the vapor-
liquid mixture is separated. The hydrostatic pressure in thermoplate evaporator H1
can be altered by varying the liquid head in V1. The vapor is condensed in heat
exchanger E2 and the condensate can be weight in V2. Heat exchanger E3 heats up
the condensate before reentering in V1. On the heating side saturated steam is used.
The steam condensate was weight in vessel V3. As testing media water and a water-
glycerin mixture with Xwateer = 0.71 moOlwaer/mol,, Were used. The evaporation
pressures were p =200, 800, 1000 mbar with overall temperature differences of
AT, =5 ... 20K. The transferred heat flux can be calculated by three energy
balances:

1. Cooling water energy balances

2. Measurement of steam condensate

3. Measurement of the product condensate.

The arithmetic average value of these three energy balances was used as
transferred heat flux.
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Figure 1: Flow diagram of experimental setup

2.2 Fluiddynamic
The experimental results for the circulating flow for water and the water-glycerol
mixture at an evaporation pressure of 200 mbar and 1000 mbar are shown in Figure
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Figure 2: Dependency of inlet velocity from static liquid head for water (left) and water-
glycerol mixture (right); for pga = 200 mbar (top) and pga = 1000 mbar (down)
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The inlet velocity increases with increasing static liquid head, until the static liquid
head reaches a value of 110 %. Afterwards an almost constant value of the velocity
could be observed. This can be explained with the increased hydrostatic pressure
which leads to an increasing driving force for the circulation. Between the static liquid
heads of 109.5 % and 115.5 % the vapor outlet tube is flooded. Under flooded
conditions the increase of the circulation stops.

For the observed experimental conditions the inlet velocity increases with increasing
driving temperature difference. Higher temperature differences lead to an increased
evaporation, therefore the density differences between the evaporator and the liquid
in vessel V1 is higher. For this reason the driving force for the circulation is
increased. The increase caused by the temperature difference decreases for water at
AT,y > 10 K. Apparently the higher pressure drop caused by the increased amount of
vapor stops a further increase of the velocity. For the experiments with water it is
obvious that higher temperature differences enlarge the range of static liquid head to
lower values where a self circulation could be observed. The operation range
enlarges up to a static liquid head of 40 % for a AT,, = 20 K. Even at a low
temperature difference of 5 K a self circulation could be observed up to a static liquid
head of 110 %.

In comparison to these results for the water-glycerol mixture a decreased inlet
velocity at the entrance of the thermoplate apparatus at 200 mbar was observed. The
operation range in respect to the static liquid head is decreased compared to the
water results. At AT,, = 20 K and above a static liquid head of 70 % a self circulation
was observed. At lower static liquids heads the circulation was decreased until the
mixture in the evaporator was not mixed well enough. The concentration of the
glycerol increased until the boiling temperature of the local mixture was higher than
the heating steam temperature. Under these conditions evaporation stopped.

Until a minimum temperature difference of 7 K self circulation was possible. The ratio
of evaporated water-glycerol mixture and mass flow in the circulation was about 1 %.
At a pressure of 1000 mbar higher inlet velocities were measured. Compared to
200 mbar the vapor density at 1000 mbar is higher. Therefore the vapor-liquid
mixture in the evaporator and the vapor pipe causes a lower pressure drop, which
explains the increased velocities. The highest velocities were measured for the
water-glycerol mixture. Obviously the decreased heat transfer leads to less vapor
and therefore to a lower pressure drop compared to the water experiments which will
be explained later. At 1000 mbar experiments for water were carried out down to
ATo, =7 K. The high velocities and the observed operation range of a minimal static
liquid head of 90 % indicate, that at lower temperature differences a self circulation
could be possible. The water-glycerol mixture showed at a pressure of 1000 mbar a
self circulation until a temperature difference of 6 K. The error bars shown in Figure 2
are the standard deviations of the measured inlet velocities. As indicated by the small
error bars a very stable circulation could be measured over all examined
experimental conditions. At 200 mbar the standard deviation increases and bigger
fluctuations in the self circulation were seen, but these fluctuations are still very small
compared to other findings [5].

2.3 Heat transfer

The results for the overall area-averaged heat transfer coefficient for both media are
shown in Figure 3. The dependency of the heat transfer of the overall temperature
difference can be seen. The heat transfer increases with increasing temperature
difference. This can be explained by two mechanisms. First the length of the heating
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zone decreases with increasing heat transfer. Therefore the length of the evaporation
zone is increased. Given that the single phase heat transfer is lower than the heat
transfer in the evaporation zone, the integral heat transfer increases. Second the
nucleate boiling in the evaporation zone increases at higher temperature differences.
These two effects mainly determine the overall heat transfer.

Pea = 200 mbar; water Pga = 200 mbar; water-glycerol mixture X0 = 0.71 Mol/mol ey

2500 - 1200
g 5
2 2
2 £ 1000
£ 2000 - <
8 8
k1 & 800
£ T 1500 8
£3 £ E 600
g B 3 K-DT=7K
< = 1000 s= B3 AT=8K
g g 400 | -xAT=10K Qe
3 X-AT=5K 3 e ATTO---0
s | eAT=SKC S 2 @-AT=12.5K A p
E 500 | =-AT=10K KooK % ~-AT=15K
g -e-AT=12.5K kS & 200 - = Ry
£ -+ AT=15K £ “©-AT=17.5K
W-AT=20K W-AT=20K
0 - : ; | | | ! 0 : . : . . |
20 40 60 80 100 120 140 20 40 60 80 100 120 140
Staticliquid head [%] Staticliquid head [%]
Pga = 1000 mbar; water Pga = 1000 mbar; water-glycerol mixture Xy, = 0.71 mol/molgyecy
2800 - 2000 -
- -
< c
o 0
S 2400 | g l—’.”._.—_.\l\.
£ £ 1600 -
S 2000 | S o+
3 5 T e
B = % = -
§ ¥ 1600 § ¥ 1200
£E Bpo g tE
£ 31200 g--g--o 23 800 | °
3 K] H-AT=6K T
% 800 | ‘B AT=7K % & AT=7K A o
s -e-AT=11K T 400 | -x AT=8K A A
& 400 | +HAT=135K 4 -¢-AT=10K Oy
E -©-AT=16K £ —+ AT=13.5K " B
o W-AT=20K o -&-AT=20K | A F S %
20 40 60 80 100 120 140 20 40 60 80 100 120 140
Staticliquid head [%] Staticliquid head [%]

Figure 3: Dependency of the integral overall heat transfer coefficient from static liquid
head for water (left) and water-glycerol mixture (right); for pga =200 mbar (top) and
Pea = 1000 mbar (down)

For 200 mbar and temperature differences of AT, =2125K for water and
AT, 210K for the water-glycerol mixture, the heat transfer decreases with
increasing static liquid head. The reason is the increased hydrostatic pressure in the
evaporator which leads to an increased subcooling of the inlet fluid. Therefore the
length of the heating zone is increased and the length of the evaporation zone is
decreased.

The heat transfer for water is much higher compared to water-glycerol. Mainly the
increased viscosity of the water-glycerol mixture decreases the heat transfer. At
200 mbar the dynamic viscosity of water-glycerol was about 2.23 mPas compared to
0.47 mPas for water. The high viscosity leads to a decreased heat transfer in the
heating zone which leads to an increased length of the heating zone.

The heat transfer values for 1000 mbar were significantly above those observed for
200 mbar. The two main reasons here are the decreased viscosity which promotes
the single phase heat transfer and the decreased subcooling of the liquid at the inlet
of the evaporator.

The shown integral overall heat transfer coefficients show large values. A
thermoplate thermosiphon reboiler shows an increased heat transfer compared to
smooth tubes [1; 3]. Advantages of this apparatus are the stable circulation and the
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good heat transfer over a wide range of the static liquid head. The good results even
for 200 mbar show further potential at even lower pressures which should be
investigated in further studies.

3. Conclusions

A thermoplate heat exchanger consisting of three thermoplates was investigated for
use as a thermosiphon reboiler. Measurements with water and a water-glycerol
mixture were carried out under atmospheric pressure, vacuum and temperature
differences of 5 ... 20 K. The static liquid head was varied between 30 ... 130 %.
Down to a minimal temperature difference of 5 K for water and 7 K for the water-
glycerol mixture stable self circulation and evaporation was investigated. These are
lower values as in the literature are recommended for a stable circulation. The
circulation was very stable. Very small standard deviations were observed and
pulsation or other disturbance of the flow did not occur. The flow velocities with water
were higher compared to the results of the water-glycerol mixture. The apparatus
showed a stable circulation over a wide range of the static liquid head. The minimal
liquid head where self circulation could be seen, increases with higher temperature
differences.

The heat transfer increases with enhanced pressure and global temperature
difference. The heat transfer with water-glycerol was much smaller compared to the
results with water. This is caused by the higher viscosity.

The thermoplate apparatus showed good results as a thermosiphon reboiler. Very
stable self circulation with a good heat transfer were observed even at low
temperature differences and at a pressure of 200 mbar, which is the minimum limit
proposed by the literature. The compact design of this apparatus should also be
highlighted.
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Abstract

Application of a heat pump system is a possibility for decreasing the
high energy demand of distillation. The use of different working fluids
(WF-s) for a vapour compression system for batch distillation is
investigated. WF-s are classified as “wet” and “dry” based on their
behaviour during the compression. The separation of a low relative
volatility mixture (n-heptane — toluene) is investigated by rigorous
simulation performed with a professional flow-sheet simulator.
Standard reactor-reboiler is applied and simulated in a rigorous way
(including the conditions of heat transfer). The basic criteria for the
selection of the possible WF-s are determined. Based on these
criteria n-hexane, n-pentane, ethanol and iso-propanol are studied as
WF-s. The effectiveness of different WF-s is compared. The effect of
the main operational parameters on the length of the payback period
is investigated. The minimal payback time is determined for the
different working fluids. The best results are obtained for n-hexane.

Keywords batch distillation, vapour compression, working fluids

1. Introduction

Application of a heat pump system (HP) is a possibility for decreasing the energy
demand of distillation. The working fluid (WF) of HP can be the top vapour itself
(vapour recompression, VRC) or a material different from the components to be
separated (vapour compression, VC). Recently Jana and his team published several
papers about the application of the VRC for batch distillation (BD) (e.g. Jana and
Maiti, 2013). Modla and Lang (2013) studied the BD separation of a close boiling
hydrocarbon mixture by rigorous dynamic simulation. They studied BD-VRC and BD-
VRC with the application of an external heat exchanger and BD-VC systems (with n-
pentane as WF). The most favourable results were obtained for the BD-VRC-E and
BD-VC systems. In this paper the vapour compression system is studied by applying
different working fluids. The goals of this paper:

-to study the process of batch distillation with vapour compression by rigorous
dynamic simulation with a professional flow-sheet simulator,

-to study its economic feasibility by cost calculations,

-to compare the effectiveness of different working fluids by the payback time.

The mixture studied is n-heptane — toluene. The working fluids studied are n-hexane,
n-pentane, ethanol and iso-propanol. The influence of the main operational
parameters of the HP on the payback time is studied for the WFs of two different
types then their optimal values providing the minimal pay-back time are determined.

2. Batch distillation with vapour compression
In batch distillation with vapour compression (VC, Figure 1) the working fluid (WF) is
independent of the mixture to be separated. The basic parts of a VC cycle are as
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Figure 1. Scheme of batch distillation with vapour compression

follows (Figure 2). The WF is evaporated at the condenser (between 1 and 2),
compressed to a higher pressure with higher saturation temperature (3—4),
condensed in the reboiler (5—6), and cooled down by expansion over a throttle valve
(7—>1) to a (saturation) temperature below the condenser temperature. The optional
parts of the cycle depending among others on the thermodynamic properties of the
WF are: superheating of the WF (2—3, if necessary in order to prevent the (partial)
condensation of WF in the compressor) and cooling down of WF in the reboiler to its
dew point (4—5, if it leaves the compressor as superheated vapour), sub-cooling of
the condensed WF before expansion (6—7). The compressor (the heat pump
system) can be already operated during the heating-up of the column. The spare
heater must be operated in the heating-up while there is no top vapour in sufficient
quantity.

log P log P

@) (6) 5)

Liquid phase

Mixed phase

Vapour

@ Je) )

Vapour
phase

phase

@ /@ @ h

a. Wet WF b. Dry WF
Figure 2. Thermodynamic cycles of VC for different types of WFs

Liquid phase

3. Properties of working fluids

3.1 Criteria for selecting working fluids
The basic criteria for the selection were as follows:
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1. The boiling point of the WF at 1.01 bar must be less at least by 15 °C than the
lowest temperature of the top vapour (in our case the bubble point of the light
component (n-heptane) at 1.01 bar, 98.4-15=83.4 °C).

2. The critical temperature of the WF must be higher than the maximal temperature at
the utility side of the reboiler (in our case the temperature of the water steam of 4 bar:
143.7 °C).

On the basis of the above criteria the following WF-s were selected: n-pentane, n-
hexane, iso-propanol and ethanol. Table 1 shows the relevant thermodynamic data
of substances studied. For the different WF-s for the temperatures of utility side of the
reboiler (126.0 and 143.7 °C) the vapour pressures (p°) and latent heats (M) are
divided with their values at the temperature of utility side of the condenser (83.4 °C).

NBP p° PCrel PCrel A Arel Mrel Tor
[°C] [bar] [kJ/mol] [°C]
83.4°C 126.0°C 143.7°C 83.4°C 126.0°C 143.7°C

n-pentane  36.07 3.99 2.57 3.57 22.65 0.827 0.737 196.5
n-hexane 68.73 1.53 2.92 4.23 28.07 0.874 0.814 234.2
ethanol 78.29 1.21 4.21 6.86 38.27 0.899 0.849 240.8
i-propanol  82.26 1.03 4.32 7.07 39.79 0.871 0.809 235.2
water 100.0 0.53 4.51 7.55 41.58 0.949 0.927 374.2
n-heptane  98.43 NR NR NR NR NR NR NR
toluene 110.56 NR NR NR NR NR NR NR

NR: not relevant
Table 1. Thermodynamic data of the substances studied

3.2 Behaviour of different working fluids during the compression

Behaviour of the different WF-s during compression was investigated. From this point
of view we divided the working fluids into two different types. If the WF of saturated
vapour partially condensates during compression, then it is called “wet” (Figure 2a)
otherwise “dry” (Figure 2b) fluid. The wet WF-s (n-pentane and n-hexane) must be
superheated before the compressor in order to protect the compressor from the liquid
break. The dry WF-s (ethanol and iso-propanol) from saturated vapour state become
superheated during compression.

4. Simulation results

In this section first the BD then the BD-VC process by applying different working
fluids are investigated. The BD-VC processes are compared with the basic, optimized
batch distillation process (without any heat pump system). For the calculation we
used the ChemCad professional flow-sheet simulator.

The mixture is n-heptane — toluene. The charge (800 dm®) contains 50 mol% n-
heptane. The specified product purity is 98 mol% n-heptane. The number of
theoretical stages for each case is 50 (excluding the total condenser and the
reboiler). The pressure drop of the column is 0.1 bar. The reactor-reboiler is DIN AE-
1000 type. In the BD process the heating medium is water-steam of 4 bar.

At the beginning of the process the column is empty (“dry start-up”). During the start-
up step (heating-up of the column) total reflux is applied. In the production step the
reflux ratio (R) is 12 and this step is finished when the n-hexane concentration falls
below 98 mol% in the product tank.
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4.1 Results for the BD process

The influence of the duration of start-up (Ats;) on the recovery of n-heptane (n) and
on the (total) heat demand of the whole process (SQ) is investigated. Limits of Ats:
-its minimum is 93 min, which is necessary for that the top vapour reaches the
product purity prescribed (98 mol%),

-its maximum is 278 min, since by then the purity of top vapour practically reaches its
maximum (99.78 mol%), which can be produced with the given column under R=c0.
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2400 4

2300 4

2200 150

2100 | T 958

g
2000 A 1 956 100 - §
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Figure 3. Influence of start-up duration on the Figure 4. Evolution of the heat transfer rate
yield and the total heat demand in the reboiler

Figure 3 shows that there is an optimal duration. Until the optimum time (ts;opt) the
recovery sharply increases, after that it increases only slightly, it remains almost
constant. The optimal duration is 160 min for which the recovery is 92%, the total
heat demand is 1770 MJ and the batch operation time (BOT) is 748 min.

In the production step the heat transfer rate in the reboiler (Q) is decreasing (Figure
4) since the active surface area and the driving force for the heat transfer are
diminishing. The HP must be operated with a higher load in the start-up period and
with a lower, continuously decreasing load during the production step when the
increase of the vapour fraction (above 0.05) in the WF leaving the reboiler is
prevented with a Pl controller modifying flow rate of the WF.

4.2 Investigation of the BD-VC process for different working fluids

The aim is to obtain the minimal payback period of the compressor (heat pump
system) investment. First operational variables of the process are investigated:
Compressor inlet pressure (Pin)

It is an independent variable, but it has both a lower (atmospheric pressure) and an
upper bound. In our former work (Modla and Lang, 2013) we stated that P;, has small
effect on the payback period. In this work always its maximal value (upper limit) is
specified (determined from the bubble point of the more volatile component at the
condenser pressure - temperature difference of the heat transfer in the condenser).
Pre-superheating of the working fluid (4Ts)

It is an independent variable. It has a lower limit for the wet working fluids (in order to
prevent the condensation in the compressor). It has also an upper limit (in our case
50 °C), since the heat for superheating is ensured by the condensed WF leaving the
reboiler. Between these streams a minimal temperature difference is needed.
Compressor outlet pressure (Pout)

It is an independent variable, but it has a lower limit (Poutmin), Which is determined
from the minimal condensation temperature at the utility side of the reboiler (bubble
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point of the less volatile component at the reboiler pressure + temperature difference
of the heat transfer in the reboiler, in our case 111 +15=126 °C).

Start-up duration (Ats)

In order to compare the results with those of BD it must be unchanged (Ats=160
min).

Flow rate of the working fluid (V)

Since Aty is fixed values of Py, and AT determine its value in the start-up (Vwt max)-
Batch operation time (BOT)

Since the duration of the start-up equals to that of the BD (Ats;sp=Atst,sp_vc) the batch
operation time also equals to that of the BD (BOTgp=BOTgp-vc).

Hence the independent variables of the optimization are P, and ATs. Their values
are varied between their limits and the value of Vutmax iS calculated for the given
values of Py and ATs. In order to find the minimal payback period (PBP) the
following principle is applied. The optimum is at the minimal electrical energy demand
of the start-up, since the investment and operational costs of the compressor are
proportional to the electrical energy demand and the operational cost of the
production step is proportional to that of the start-up step.

First the effect of the compressor outlet pressure (Poy, Figure 5a) then that of the
extent of pre-superheating (Figure 5b) on the electrical energy demand of the start-
up step (SMPg) are investigated

300 - smp,, [MJ] 116 - smp,, (]
250 112 -
200 108 -
150 + 104 -
100 - 100 -
50 - 9 - ¢
0 ‘ ‘ ‘ Pou [barl‘ 9 | AT
5 6 7 8 9 10 0 20 40 60
Figure 5a. Effect of P, on the electrical energy Figure 5b. Effect of pre-superheating on the
demand (n-hexane, AT =40 C) electrical energy demand (n-hexane,P,,=6.4

bar)

For all WF-s we found that, there is a Py, value where SMPg has minimum (Figure
5a). On the increase of ATs SMP; decreased in a monotone way.

From the results two data series are presented. In the first case not optimised (Table
4a) P is determined for each WF for the temperature of the water steam of 4 bar
(143.7 °C). ATs is specified for its minimal value (lower limit). In the second case
(Table 4b) the maximal ATs (50 °C) is applied and the optimal value of Pgy is
determined by seeking the minimal PBP.

Comparing the results without and with optimization (Table 4) it can be seen that the
value of Py only slightly while that of Vs considerably changed. Moreover the
results show that for the wet fluids the total electrical energy demand (SMP)
considerably decreased by the optimization. The outlet temperature is much higher
for dry WF-s, which can cause several problems (application of special construction
materials, distillation of heat sensitive materials).
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Comparing the payback periods (Figure 6) calculated for two different durations of
operation we stated that due to the optimisation for the wet WF-s PBP considerably,
for the dry WF-s only slightly decreased.

WF F)in ATS Pout Tout wa,max SMP
[bar] [°C] [bar] [°C] [ka/h] [MJ]
n-pentane 4.00 19 14.23 143.7 775 453
n-hexane 1.53 24.4 6.47 143.7 687 397
ethanol 1.21 0 8.3 178.3 250 363
i-propanol 1.03 0 7.28 149.6 346 382
a.
WF Pin ATS Pout Tout wa,max SMP
[bar] [°C] [bar] [°C] [kg/h] [MJ]
n-pentane 4.00 50 14.0 174 612.5 375
n-hexane 1.53 50 6.425 169 575.0 346
ethanol 1.21 50 8.3 231 219.5 358
i-propanol 1.03 50 7.2 199 298.0 363
b

Table 2. Values of main operational parameters without (a) and with optimisation (b).
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Figure 6. Payback periods (PBP) for the different working fluids
a. 4000 working hours per year b. 6000 working hours per year

The best results (lowest PBP-s) were obtained for n-hexane. On the increase of the
duration of yearly operation, as it was expected, PBP considerably decreased.

5. Conclusions

The purpose of the current study was to investigate different working fluids for vapour
compression systems integrated to real, batch distillation columns. Working fluids
were classified as “wet” and “dry” based on their behaviour during the compression.
The separation of a low relative volatility mixture (n-heptane — toluene) was
investigated by rigorous dynamic simulation. The basic criteria for the selection of the
possible working fluids were determined. Based on these criteria n-hexane, n-
pentane, ethanol and iso-propanol were studied as working fluids. The effectiveness
of the working fluids was compared. The minimal payback time was determined. The
best results (lowest PBP-s) were obtained for n-hexane.
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Abstract

Industrial application of the dividing wall column (DWC) derived from
the three-component Fully Thermally Coupled (FTC) column is on
the rise because of its low heat duty requirements and reduced
capital costs. To obtain maximum heat duty benefits and achieve
high purity in the product streams from the DWC, it should be
operated close to optimality. But, close-to-optimal operation of the
DWC is challenging because the split of vapor at the bottom of its
vertical partition cannot be independently regulated externally from
the column. Based on our previous work, where a thermal coupling
link is converted to a liquid-only transfer stream,’ we propose new,
more operable DWCs for ternary distillation. These new DWCs allow
regulating the vapor split across the two parallel zones on either side
of the vertical partition. Further, we show that each of these new,
more operable DWCs is equivalent to the FTC configuration. Based
on the findings, we extend our framework to four components and
obtain DWCs from the corresponding FTC configuration which can
be beneficially operated. We believe that the proposed DWCs will
enable the successful industrial implementation and optimal
operation of the 4-component FTC configuration in a single
distillation column shell.

Keywords
Dividing wall column; Fully Thermally Coupled Configuration;
Operability; Energy Savings; Equivalent Configurations

1. Introduction

The three-component Fully Thermally Coupled (FTC) configuration shown in
Figure la is popular among distillation researchers and engineers because of its low
heat demand.?* The configuration is called so, because it has thermal coupling links
for all possible submixtures, i.e., at AB and BC. In this paper, A, B, C, and D denote
pure components, whose volatilities decrease in the same order. Further, filled and
unfilled circles in all figures of the paper respectively denote condensers and
reboilers. We consider only zeotropic separations in this paper.

The configuration shown in Figure 1a is generally difficult to operate because
the vapor flows at the top and bottom of column 1 are in opposite directions, and
therefore cannot be easily accomplished by regulating constant pressure in each
column. Multiple solutions have been suggested to overcome this operational
difficulty, without compromising on its heat duty requirement.>* One such solution is
shown in Figure 1d.* To obtain this configuration from the configuration of Figure 1a,
the section 2a at the top of column 2 is shifted to the top of column 1, resulting in the
section 1a of Figure 1d. Such a rearrangement of the section ensures that the vapor
flows between columns 1 and 2 are in the same direction.
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created. This
eliminates the vapor
transfer between
columns associated
with the thermal
coupling, and hence
simplifies operation.
The configuration in
Figure 1b is derived
from the one in
Figure la in the
following manner. In
Figure la, the vapor
that enters column
1 at the bottom is
generated in the
reboiler  of the
second column. To
make up for this
vapor flow from
column 2 to column Figure 1. (a),(d),(g) 3-component FTC configurations;

1 at submixture BC, (b),(e),(h) FTC-equivalent configurations obtained by

and still have a net converting thermal couplings to liquid-only transfer streams;
mass flow from (c),(f),(i) DWC implementations of (b),(e),(h)

column 1 to 2, a

liquid feed is provided to column 2 from column 1. So, the net mass feed to column 2
at submixture BC is liquid. To obtain the configuration in Figure 1b from Figure 1a, an
additional section and reboiler are added to the bottom of column 1 below the
withdrawal location for submixture BC. In this reboiler, the exact same amount of
vapor is generated that was conveyed in Figure la from column 2 to column 1 at
submixture BC. Such an arrangement obviates the need to have a thermal coupling
at submixture BC. Only a liquid stream is used to provide the feed to column 2 from
column 1 as was also the case with Figure 1a according to the preceding discussion.
The reboiler of the second column of Figure 1b generates just enough vapor so that
the vapor flow in section 2¢ of Figures la and 1b is maintained the same. The
sections 1d and 2d of Figure 1b have the same L/V ratio as the section 2d in Figure
la. While all of the B is distilled in Figure 1a from the bottom of column 2, it is divided
between the two equivalent sections 1d and 2d in Figure 1b. Thus, the two
configurations in Figures 1a and 1b are only different topologically, but are equivalent
in all other aspects.
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A similar derivation of the configuration in Figure le can be made from the
configuration in Figure 1d. In this case, the thermal coupling at submixture AB is
converted to a liquid-only transfer stream. Prior to understanding this conversion, it is
worth noting that, in Figure 1d, the liquid AB stream fed to column 2 from column 1
makes up for both the vapor AB stream that is returned from column 2 to 1, and the
net mass that is fed to column 2 at submixture AB. To obtain Figure le from Figure
1d, the section 2a is newly added. This section retains the exact same quantity of
vapor flow that is diverted in Figure 1d from the top of column 2 to 1. Thus, in Figure
le, the vapor connection at AB between the two columns is eliminated, and only a
liquid stream that accounts for the mass feed from column 1 to 2 is retained. The
sections 1la and 2a of Figure le have the same L/V ratio as that of section 1a in
Figure 1d. Thus, the two configurations in Figures 1d and 1e differ only topologically,
but are equivalent in all other aspects. By combining the strategies just discussed,
both thermal couplings of Figure 1g can be eliminated to obtain another equivalent
configuration depicted in Figure 1h.

2. New DWCs of FTC configurations

Using the groundwork established in the introduction, we now present novel
three-and-four-component DWCs, and discuss their benefits. Since this is a
continuation of our prior work,> we refer the reader to our earlier article for aspects
that are only briefly covered here.

2.1 Three-component FTC DWCs

In Figures 1c, 1f, and 1i, we respectively show the DWCs that are obtained
when the two columns of the configurations in Figures 1b, 1e and 1lh are
incorporated into a single shell with a vertical partition. Since these DWCs are
derived from Figures 1b, 1e, and 1h, they have the same heat duty requirement as
the FTC configuration.

The vertical partition in each of these DWCs starts at one of the ends of the
column and is continuous. The liquid transfer that is shown is made around the
vertical partition. A unique feature about these DWCs is that the vapor flows in both
parallel zones, one on each side of the vertical partition, can be regulated using the

heat exchangers at the top and bottom of the DWC. While

the DWC in Figure 1f has one vapor split at the bottom of

/-Q its vertical partition which can be controlled by the
A condensers at A, the ones in Figures 1c and 1i have none.

AB The desired vapor flow in each parallel zone on either side
of the vertical partition of the DWCs in Figures 1c and 1i
ABC - can be maintained by generating the respective quantity of

vapor in the reboilers of the column. Alternatively, one
could use valves at appropriate locations in the vapor lines
to control the vapor flow in each zone adjacent to the
\T/_(_?_) vertical partition. This feature of being able to establish the

c desired quantity of vapor flow during operation in each
Figure 2. parallel zone is absent in the conventional DWC,® shown in
Conventional 3- Figure 2, which can be derived from the configurations in
component FTC DwC  Figures 1a and 1d by incorporating their columns into a
single shell. In this DWC, during operation, there is no

BC
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external independent control on the split of vapor at the bottom of the vertical
partition, and hence, the vapor flows in the parallel zones on either side of the vertical
partition are unregulated. On-site implementation of such a DWC may thus often lead
to suboptimal operation, unlike the ones proposed here. Thus, we expect the three
options in Figures 1c, 1f and 1i to be more operable than the one shown in Figure 2.

2.2 Four-component FTC DWCs

The 4-component FTC DWC is shown in Figure 3.
According to the available literature,” there has not
been a single industrial implementation of this DWC.
One important reason for this is the inability to
independently control the vapor split during operation at
the bottom of its three vertical partitions. Even if this
DWC is implemented in future, we believe it is unlikely
that its benefits will be fully realized because of these
operational difficulties. To circumvent these operational
complications, we look towards equivalent FTC
configurations and consider their dividing wall
implementations.

Interestingly, all the thermodynamically equivalent
FTC configurations obtained by moving sections around
columns® result in the same DWC, which is shown in
Figure 3. Alternate FTC-equivalent DWCs have hitherto
been unknown to verify their operability. However,
based on the discussions in the previous section, there
is hope of deriving novel FTC-equivalent DWCs by
converting thermal coupling links to liquid-only transfer
streams, and identifying the more operable ones out of
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in Figure 4, where the thermal
coupling at submixture ABC is
converted to a liquid-only
transfer stream. Apart from the
DWC in Figure 3, there are 35
FTC-equivalent DWCs with three
vertical partitions, including the
one in Figure 4b. Among these,
we have identified 5 DWCs in
which the vapor flow in every
parallel zone alongside every
vertical partition can be regulated
during operation either by the
use of heat exchangers or other
associated equipment like valves
at the top and bottom of the
column. The five DWCs are
shown in Figure 5. We believe
that these DWCs will enable the
successful industrial



implementation and optimal operation of the 4-component FTC configuration.
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Figure 5. More operable 4-component FTC-equivalent DWCs

While there are only 5 more operable 4-component FTC-equivalent DWCs, this
number significantly increases if we make a small modification to the FTC
configuration. In the FTC configuration, to simplify operation, the back-and-forth
liquid-vapor communication associated with submixture BC can be replaced by a
simple liquid one-way communication. With this modification, we expect the resulting
configuration, though not equivalent to the FTC configuration, to have a heat duty
demand for most applications to be comparable to that of the FTC configuration.
Such a modification eliminates the need to transfer vapor stream in the middle of the
dividing wall (location BC), and
therefore, eliminates discontinuity
in this dividing wall. This results in
only two vertical partitions in the | ®,, —— L9,
dividing wall implementation. With AB
fewer vertical partitions, the
number of vapor splits is fewer,

ABC
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equivalent configurations, we use the DWCs shown in Figures 6a and 6b as
examples. The difference between the two DWCs is only the nature of mass
exchange associated with submixture BC. While the vapor split at submixture BC in
the FTC-equivalent DWC of Figure 6a cannot be independently regulated during
onsite operation, the vapor flow in each parallel zone of the modified-FTC-equivalent
DWC in Figure 6b can be externally controlled during operation.

3. Conclusions

The DWCs derived from the conventional FTC configuration has certain
operational complications associated with it. The 3-component FTC DWC has an
unregulated vapor split at the bottom of its vertical partition during operation. Due to
this, the benefits that a 3-component FTC DWC offers are often lost because the
operating conditions are suboptimal. This problem is further compounded as the
number of components in the feed increases due to an increase in the number of
unregulated vapor splits in the corresponding FTC DWC. This is perhaps one reason
why an FTC DWC of four components or higher has never been built and operated.

In this work, we introduce new DWCs by laying out a framework to convert FTC
configurations to FTC-equivalent configurations with liquid-only transfer streams,
which are then implemented into new DWCs. For three components, all three FTC-
equivalent DWCs that are proposed here are found to be more operable than the
conventional FTC DWC because the vapor flow in each parallel zone alongside the
vertical partition can be independently regulated during operation. Hence, these
DW(Cs can be operated closer to optimality.

For four components, thirty five FTC-equivalent DWCs with three vertical
partitions are identified. However, among these, only five have the ability to
independently manipulate the vapor flows during operation in all the parallel zones
adjacent to the vertical partitions. If one modifies slightly the 4-component FTC
configuration, fifteen other modified-FTC-equivalent DWCs with similar operability
features and comparable heat duty demand can be constructed. We believe that
these twenty DWCs provide options that can be successfully implemented in an
industrial setting allowing for the first time to reap the full benefits of a 4-component
FTC configuration.
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Energy and economic trade-off in partially adiabatic distillation
columns

J. Rafael Alcantara-Avila, Ken-Ichiro Sotowa, Toshihide Horikawa

Department of Chemical Science and Technology, The University of Tokushima,
Tokushima 770-8506, Japan

Abstract

The trays in conventional distillation columns are adiabatic since heat
is neither supplied to nor removed from them because heat
exchange only exists at the reboiler and condenser. However,
diabatic distillation columns (DDC) can realize heat integration at
each tray along the distillation column. DCC have been researched
from the exergy point of view and have shown that they can attain
the minimum entropy production rate for the separation of a
multicomponent mixture into two product streams (Hirata, 2009).
However, DCC might be unfavorable from the economic point
because a heat exchanger is requested at each tray along the
column, which results in a large number of side heat exchangers,
thus an increase in the equipment cost. Therefore, this increase
might take over the operating cost savings resulted from energy
reduction. In this research, the trade-off between energy
consumption and the total annual cost in partially diabatic columns is
assessed through process simulations and optimization techniques
based on mathematical programming where the location, number of
heat exchangers and the amount of heat exchanged are the
optimization variables.

Keywords
Process design, Heat integration, Diabatic distillation column,
Optimization

1. Introduction

Distillation is a separation technology that repetitively boils liquid streams and
condensates vapor streams from the bottom at high temperature the top of the
column at low pressure. Although distillation columns are energy-intensive units with
low thermodynamic efficiency, they are widely used in the Chemical industry.

In addition, the energy is supplied at the bottom of the column, which is at the highest
temperature, while the energy is removed at the top of the column, which is at the
lowest temperature. If energy can be supplied at temperature lower than that at the
reboiler and removed at temperature higher than that at the condenser, economic
and energy savings can be attained as well as the thermodynamic efficiency can be
improved.

Conventional distillation can be regarded as adiabatic distillation because the is not

heat exchange in the trays in the column. If heat can be exchanged in the stages of
the column, the distillation column can be regarded as diabatic distillation.
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Figure 1: Totally and partially diabatic distillation column

In this work diabatic distillation is divided in two types: 1) totally diabatic distillation
column (TDDC) in which all the stages are heat-integrated, and 2) partially diabatic
distillation column (PDDC) in which only few stages are heat-integrated. Hirata
(2009) studied the TDDC and compared it with the heat integrated distillation column
(HIDIC) and vapor recompression column (VRC). His results showed that TDDC was
better than VRC and HIDIC in terms of entropy production. In the other hand, PDDC
was addressed by Chen et al. (2013) for the separation of a binary mixture and by
Alcantara—Avila et al. (2013) for the separation of a ternary mixture. In both works,
the optimal solution with the minimum cost realized heat integration in locations other
than condensers and reboilers. Figure 1a shows the PDDC while Figure 1b shows a
TDDC.

In Figure 1, A is the light component and B is the heavy component. The dotted lines
represent heat exchange in the column. The presented TDDC has two diabatic
stages in the rectifying section and two in the stripping section.

The aim of this work is to assess the PDDC and several optimal TDDC in terms of
energy consumption and total annual cost (TAC) for the separation of a binary
mixture. It also aims to explicitly evaluate the trade-off between the number of optimal
intermediate heat exchangers and the amount of energy allocated at each
intermediate heat exchanger. The synthesis procedure combines rigorous
simulations and the solution of a mixed integer linear programming (MILP) problem.

2. Design of diabatic and adiabatic distillation columns

2.1 Simulation of the conventional column

Given the feed flow rate, composition and operating pressure, a distillation column
can be designed by manipulating the reflux ratio and reboiler duty to attain the
specification of the products leaving the column. In this research, Aspen Plus 8.0 was
used to simulate a conventional distillation column, which is the starting point to
design TDDC and PDDC. The TAC of the conventional column was minimized
according to Equation 1

TAC = FC/PT +0C-OT (1)

where FC and OC are the fixed cost and operation cost. PT is the payback time, and
OT is the annual operation time. FC is a function of the diameter and number of trays
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in each column, reboiler and condenser heat duty and transfer areas while OC is the
product of the utility costs by heat duties. This research adopts the Guthrie method
proposed by Seider et al. (2009) to calculate the fixed cost.

For the conventional column sequence, the reflux ratio and the reboiler heat duty are
used to adjust the product composition. Thus, the variables which can be used for
optimization are: 1) The number of stages, and 2) Feed stage.

2.2 Optimization of TDDC and PDDC

Optimal TDDC and PDDC are obtained by minimizing Equation 1 through the
solution of an MILP problem. Since the optimization of TDDC and PDDC is more
complex than conventional distillation, additional optimization variables are needed.
Thus, the variables which can be used for optimization are: 1) number diabatic
stages, 2) location of diabatic stages, and 3) heat exchanged at each diabatic stage.
The solved MILP problem was adopted from one of our previous works by doing
minor modifications (Alcantara—Avila et al. 2013).

3. Results and discussion

The benzene/toluene separation was taken up to find optimal the TDDC and several
PDDC and compare them with the conventional column. Table 1 summarizes the
parameters used to solve the optimization procedure shown in section 2. Additionally,
the assumed PT was set at 3 years while OT was 8000 hours. The heat transfer
coefficients for condensers and reboilers were 0.7 and 1 kW/m?K. The utility cost of
cooling water was 0.86 $/MWh, and that for steam was 11.06 $/MWh. These
parameters were taken from Seider et al. (2009).

Table 1. Parameters used in the optimization algorithms

Feed flow rate [kmol/h] 100
composition (benzene/toluene) [mol%] : (50/50)
Benzene product composition [mol%] 1995
Toluene product composition [mol%] 1995
Operating pressure [bar] : 1.0
Diabatic stages (lower bound, upperbound) [-] : (0, 25)
Heat exchanged at diabatic and adiabatic stages
(lower bound, upperbound) [KW] : (0, 1200)
290 -—-DDC
- =S=4
--8=2
—_S5=1 -~
260 | TSeeee_
I -
& =-— _———— - -
= -7 -
0 r naon n 7 s . —1":/.
( Boornannnernasransasrnansossnessassns snaesossnessesses iaeressnessessessrassessnesnessessrasrissiesnessessnss Pl .I ......................................
= - ’
230 - _ - - - ’
200
100 300 500 700
Qe kW]

Figure 2: Relation between TAC and the possible number of diabatic stages
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Figure 2 shows the optimization results of TAC minimization for the conventional,
TDDC and PDDC. In the figure, S denotes the maximum number of possible diabatic
stages. In the figure, the TAC of optimal TDCC and PDCC are represented by solid
and dotted black lines while the dotted gray line represents the values of the
conventional column which was 237.29 k$/y. The structures below this gray line
implies that economic savings are possible in PDCC when the number of diabatic
stages is between 2 and 4 at the rectifying and stripping sections. Also, economic
savings are possible when the heat exchanged in diabatic and adiabatic stages is
below 550 kW.

As for the TDDC, economic savings were not attained regardless the values of the
maximum amount of energy exchanged at diabatic and adiabatic stages. This is
because a large number of heat exchangers must be installed, which results in high
TAC. In addition, three types of heat exchangers were considered. If the heat transfer
area was higher than 200 ft, floating head and kettle reboiler where used at the
condenser and reboiler, respectively. If the heat transfer area was lower than 200 ft,
double pipe heat exchangers were used. Therefore, economic savings were attain
when the floating head and kettle reboiler were used at the adiabatic stage and
double pipe exchangers at diabatic stages.

Figure 3 shows the PDDC with the minimum TAC (224.7 k$/y) which has 4 diabatic
stages while Figure 4 shows the PDDC with the minimum TAC (224.8 k$/y) which
has 2 diabatic stages. In both cases most of the energy is removed at diabatic stages
close to the adiabatic stages (i.e., condenser and reboiler).

In Figure 3, 400 kW are supplied to stage 2, 308 kW to stage 3, 6 kW to stage 15,
and 6 kW to stage 16, respectively. In addition, 8 kW are supplied to stage 28, 9 kW
to stage 29, 324 to stage 31, and 400 kW to stage 32, respectively in diabatic stages.
In Figure 4, 500 kW are supplied to stage 2 and 116 kW to stage 3, respectively. In
addition, 137 kW are supplied to stage 31 and 500 kW to stage 32, respectively in
diabatic stages.

1 400 kW I} 500 kW

50 50
kmol/h | 24T 708 kW kmol/h | 24T 616kW
3 ol 34 —
5 kw
161
100—3¢ 23 100—¢ 23
kmol/h | kmol/h
28112 kW
29"~~._>
3 kw N 637w
321 321 )
50 50
kmol/h kmol/h
Figure 3: Optimal PDDC with Figure 4: Optimal PDDC with

4 diabatic stages 2 diabatic stages
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4. Conclusions

Totally and partially diabatic distillation columns were obtained through combining
rigorous simulations and optimization techniques based on mathematical
programming. The objective function was to minimize the total annual cost. The
totally diabatic distillation column did not attain economic savings because cost of the
side heat exchangers, thus the fixed cost was larger than that in conventional
distillation, however, partially diabatic distillation columns attained economic savings
around 5 % when several types of heat exchangers are considered. Energy savings
can be larger if more expensive utilities are used at adiabatic stages.

The optimal location of diabatic stages was close to the location of adiabatic stages,
and the amount of energy exchanged at each diabatic location was large for stages
near the top or bottom of the column while it was low for stages near to the feed.

Partially diabatic distillation columns proven to be more appealing than the totally
diabatic distillation column in terms of economic savings. From the control viewpoint
partially diabatic distillation columns because they are less integrated than totally
diabatic distillation columns.
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Retrofit of distillation columns together with their heat transfer

devices

Mohammed Awwal Suleiman, Megan Jobson

School of Chemical Engineering and Analytical Science
The University of Manchester, Sackville Street, Manchester, M13 9PL, Manchester,

United Kingdom

Distillation columns are integral to most chemical processes. Increasing the
throughput of an existing column can create significant economic benefits. However,
capacity limits (or bottlenecks) of the column must be considered when throughput is
increased. Retrofit options for distillation processes include minor modifications, such
as feed conditioning, intermediate heat exchange and adjusting operating conditions.
Hydraulic analysis tools have been developed to screen for effective retrofit
modifications based on column hydraulic performance. However, the effects of these
modifications on the performance of heat transfer devices associated with the column
have not been investigated. This research considers bottlenecks in the reboiler,

condenser, feed preheater, etc. if the feed to the column is increased.

A systematic approach for retrofit is proposed using process simulation, hydraulic
analysis and heat transfer models. These models capture interactions between the
column and associated heat transfer devices. For example, increasing feed
preheating may avoid heat transfer and hydraulic constraints in the reboiler but might

create a bottleneck in the rectifying section or preheater.
The new methodology complements existing column retrofit methodologies by

systematically generating and evaluating options to overcome bottleneck in the

reboiler when column throughput is increased. Case studies illustrate the approach.
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Wastewater Ammonia Stripping with Closed Air Loop System
Peter Faessler, Sulzer Chemtech, Process Technology, Allschwil, Switzerland

Abstract

Wastewater from biological fermentation processes often comes with a
significant content of ammonia. Being a strong biocide, free ammonia has to
be removed to acceptable ppm levels before entering further biological
treatment.

A multinational company, with a plant located in Thailand, produces a
wastewater stream with a free ammonia content up to 3,000 ppm, that has to
be treated to reach a maximum ammonia content of 100 ppm. The flow rate
is 40 m3/hr.

The solution provided consists of an ammonia stripper, operated at
atmospheric pressure, using a closed air loop, conveyed by a standard type
ventilator, and sulphuric acid in a chemisorption unit to neutralise the stripped
free ammonia.

In-line pH control for fresh sulphuric acid dosing, as well as a density control,
ensure that an ammonium sulphate solution of 40 wt% can be produced. This
may then be directly sprayed as fertilizer on the local pineapple fields.

The plant concept, combining heat integration and the use of structured
packings with minimized overall pressure drop, ensures very low operating
costs in view of energy consumption.

Robust long term operation and flexibility regarding feed, ammonia content
and capacity are additional advantages.

Keywords
Wastewater, ammonia stripping, closed air loop

1. Introduction

Wastewaters containing ammonia exceeding a certain limit (typically around hundred
ppm) cannot be treated in biological treatment units as ammonia acts as a biocide.
Physical steam or air stripping is a common praxis to lower the ammonia content to
acceptable concentration levels. Shifting the ammonia from the liquid into the vapor
phase can, however, often create another, environmental issue and therefore
nowadays is no longer a way to solve the task. In case the stripped ammonia cannot
be reused or recycled, it must be treated additionally in such a way that no emissions
into the atmosphere will occur.

2. The closed air loop system

The closed air loop system consists of a single ,ALL-IN-ONE" column set-up,
integrating the stripper and chemisorption section into one column shell.
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+ALL-IN-ONE"
COLUMN

Figure 1 Flow diagram

The system consists mainly of:

=  Ammonia stripper and chemisorption section, designed as pumparound and
combined in a single column

= Heat integration with simultaneous heating of raw and cooling of stripped
wastewater

= Additional cooler and heater to meet specific conditioning of the relevant streams
= Ventilator

= Sulfuric acid dosing system

=  Pumps

= Control system

Features:

= The use of high performance packing provides a high stripping and absorption
efficiency with a compact design and a minimum air circulation rate. Typically
MellapakPlus™ 252Y, in stainless steel for the stripper and in polypropylene for
the chemisorber, are used.

- e A Rt
= i ’ e

Figure 2 MellapakPlus™ in PP and stainless steel
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= Alow pressure drop over the packing and vapor piping, as well as an integrated
economizer plate heat exchanger in connection with the closed air loop (with the
need of only marginal additional heating and cooling), result in low operating
cost.

= The column shell and main piping can be made of stainless steel, Glass Fiber
reinforced Plastic (GFP) and/or carbon steel with rubber lining.

= An ammonium sulfate solution with a concentration of up to 40 wt% can be
achieved, which can be directly used as fertilizer.

» The use of undiluted sulfuric acid is possible.

Purpose of the heat exchangers:

= Economizer: Heats and cools the feed to achieve an optimum stripping
temperature.

= Heater: Balances the remaining temperature gap from the economizer and
compensates heat losses in the circuit due to ammonia stripping out of the liquid
phase.

= Cooler: Removes reaction heat from the ammonia neutralization with sulphuric
acid. It also controls condensation of water vapor from the saturated air loop.

In this way the ammonium sulphate solution concentration is controlled.

Density of agueous ammonia sulfate solutions

¢ LK AP e R°C 1007
1 IKLEH | IKLIEY] 10,9650 09777 0.9644
2 1.0124 IKLIEH [} (%1} 9836 09705
! 10245 1.02X) L0155 053 05265
5 10445 10456 X387 sy 1 O0GE
2 1ANT4h 1M1 LG4 21 10303
16 1ARIS0 10024 10549 M35

3 10339
20 1.1215 1.1154 L1077 (883 1.0772

24 11448 1.1353 L1304 111 11003
25 1L1GTT 116G 15249 3 11232

1.2072 1.2500 11919 17 1.1629
40 1.23500 12277 2196 20 118910

.
31
2 LT 1
30 1.2599 1.2525 1.2745 2568 12466

Table 1 Densities of aqueous ammoniumsulfate solution ¥

2.1 Typical example

A wastewater stream out of a fermentation process containing 2,000 wt ppm free
ammonia needs to be treated to reach a final concentration of no more than 100 ppm
to make it fit for further biological treatment. Gaseous emissions are to be avoided.

The stripped ammonia in the vapor phase shall be converted into an
ammoniumsulfate solution with a concentration of 40 wt% to be directly used
subsequently as liquid fertilizer.

Low operating costs, operational flexibility to cater for fluctuations in the ammonia
concentration and the flowrate of the feed, as well as a robust performance are
additional requirements.
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Feed and Products
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Figure 3 Feed and products

Beside the stripping efficiency, one of the other key points for an economical
operation of the plant is the overall pressure drop of the entire air loop system, which
includes packings for both a stripper and an absorber, and adjacent piping. This has
a direct impact to the ventilator design and operating cost. Figure 4 shows the plant’s
overall pressure drop depending on plant capacity.
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Figure 4 Overall plant pressure drop at different capacities

At fixed operating conditions, the required air circulation rate is almost linearly in line

with the plant operating capacity.

Air Volume in Ventilator Suction
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Figure 5 Required air circulating volume at different capacities

The heating and cooling utility requirements are, respectively 180 kW for steam and

150 kW for cooling water.

The economizer (internal heater and cooler) has a duty of approximately 1,315 kW.
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The compression ratio (Pou/Pin) is typically in the range of 1.03 - 1.07, depending on
the plant capacity.

The electrical energy consumption depends on the ammonia concentration in the
feed and product stream, as well as on the selected ventilator type and manufacturer.
Standard ventilators can be used for this purpose. For the current example it equals
approximately 3-5 kWhr/m3 wastewater.

Figure 6 Example of Ventilator
2.2 Operational flexibility
The plant design is flexible enough to process ammonia feed concentrations within a

specified range. The main operating parameter to be adapted is the operating
temperature.

ia C ion in the Stri i Waste Water at Fixed Feed Rate of 40'000 kg'hr and Air
Suction Volume to Elower at 20°000 m3hr @1.013 bar
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Figure 7 Operational flexibility at different ammonia concentrations in feed
2.3 Additional design considerations

The decade long experience available, ensures a reliable, but also compact, thus
economic design.
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~ Stripping Section » Absorption Section

Fluid Data: Fluid Data:

Gas: Gas:

Mult. Vapor Rate [ky'hj: 190507 188433 Mult. Vapar Rate [kgh} 190500 188432
Donsity [kg'm’ 0977 1,004 Darsity [kg'm? 1.050 1.013
Viscosity [cP]: 00183 0.0183 Wiscosity [cP] 0.0184 0.0183
QV fms]: 542 521 av el 5.04 517

Liquid: Liguid:
Mult. Licuied Rate [kg'h} 400000 307626 Mult Licuid Rate fug} 540841  S4Z93
Darsity [kg'm? 980,00 96194 1

Caleulated Output: Caleulated Output:
of: i

) Capacity [} 8
F-Factor [Pa0.5]: 236 230 F-Factor [Pa0.5]: 228 229
Spac. liquid load fmY¥mh]: 17.06 17.85 Spec. hauid load [m¥emeh]:

Prassuro dop [mbas'm] 1.80 172 Prossura drop [mbar/m} 1.

Flow Paramater 0.088 0.088 Flow Paramater 0.084 0.084

Liquid Hakdup [%] 82 Liquid Heldup [%] 65
Bod prassura drop [mbar]: 1350 Bad prassure drop [mbar]: 197

Figure 8 Ammonia stripper and chemisorber design

For the chemisorption section it is essential to avoid any carry-over of liquid droplets
into the absorber to avoid potential corrosion issues. For this purpose an additional
high efficiency Mellachevron™ demister, made in polypropylene (PP), is installed on
top of the liquid distributor.

Figure 9 Mellachevron™ demister and liquid distributor in PP

However, the selected packing height in the absorber is on purpose selected small
enough, so to allow a certain slippage of non-absorbed ammonia to pass through,
neutralizing sulfuric acid droplets on their way to the absorber.

2.4 Operating experience

The plant mentioned as example has been in operation since autumn 2012 to the full
satisfaction of the end client, with proven easy, reliable and robust operation.

3. Conclusions

The combination of compact column designs, the use of high efficiency packings with
very low overall pressure drop, advanced heat integration and reliable, simple plant
control leads to an economic attractive solution for both investment and operating
costs. The absence of any exhausts and the possibility of direct use of the stripped
ammonia in the form of ammoniumsulfate as fertilizer is a very environmental-friendly
solution.

2 Perry's Chemical Engineers Handbook 7™ edition. McGraw-Hill 1999
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Optimization of an Industrial Batch Extractive Distillation Process
Laszlo Hegely, Peter Lang
Budapest University of Technology and Economics, Department of Building Services
and Process Engineering, Budapest, Hungary

Abstract

The recovery of methanol by batch distillation (BD) and batch
extractive distillation (BED) from a multicomponent azeotropic waste
solvent mixture (acetone-methanol-THF-water-toluene) is studied.
The organic impurities are removed in two fore-cuts. Water as
solvent is able to remove methanol from beside these impurities, thus
reducing methanol loss in the fore-cuts, therefore increasing the
recovery of methanol. The optimization of both processes is
performed by a genetic algorithm (GA) coupled with a professional
flow-sheet simulator performing the dynamic simulation. The
optimization variables are the reflux ratios of all operation steps, the
termination criteria of the two fore-cuts, the location, flow rate and
duration of solvent (water) feeding. The objective function to be
maximized is the profit for one batch. The optimized BD and BED
processes are compared with the one currently applied in the plant.

Keywords
batch distillation, extractive distillation, optimization, genetic algorithm

1. Introduction

For the separation of pharmaceutical waste solvent mixtures, batch distillation (BD) is
frequently applied method. These (usually multicomponent) mixtures often contain
several components forming azeotropes with each other, rendering the recovery of
the main component by conventional batch distillation more difficult, or even
infeasible. In these cases, a special (e.g. extractive) distillation method must be
applied. In batch extractive distillation (BED, Yatim et al, 1993), a solvent (entrainer,
S) is fed continuously into the column, changing the relative volatilities favourably.
BED is usually applied to extract pollutants of moderate concentration from the main
component to be recovered. However, if S reduces the volatility of the main
component, it can be then extracted from beside the pollutants of low concentration
forming minimum azeotropes with it. These pollutants can be removed in fore-cuts,
which, nevertheless, cause a loss of the main component, since they contain it in
considerable amount. It is possible to reduce the loss of the main component with the
fore-cuts by BED. However, the high amount of S fed renders the separation of the
main component from it more difficult and the application of BED can be even
uneconomical.

S-feeding can be started after the start-up of the column, or during the heating-up, as
early as the vapour reaches the location of the feed, as suggested by Lang et al.
(2006). A new BED policy, where S-feeding is applied only during the heating-up,
was studied by Hegely et al. (2013) for the separation of a waste solvent mixture of a
pharmaceutical plant containing methanol (B), THF (C), water (D) and toluene (E),
from which methanol must be recovered in a purity of 99.5 mass%. The solvent was
water. The new BED policy was compared with BD and the traditional policy of BED
by laboratory and industrial-size experiments. The best results were obtained by the
new BED policy. In this study neither the BD nor the BED policies were optimized.
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Barreto et al. (2011a) optimized the heterogeneous BED of the chloroform-methanol
azeotropic mixture by a GA coupled with a simplified model. The pollutant methanol
was extracted with water. Barreto et al. (2011b) studied the same process, but by
using a flow-sheet simulator and multiple objectives.

The aim of this paper is to optimize both the BD and BED separation of the mixture
studied by Hegely et al. (2013). Optimization variables are the reflux ratios of all
operation steps, the termination criteria of the taking of the first and second fore-cut
and the parameters of water feeding (feed plate, flow rate, duration). The
optimization was executed by a GA with ChemCAD performing the dynamic
simulation. The objective function to be maximized is the profit for one batch.

2. Vapour-liquid equilibrium conditions

The charge contains 0.07 mass% A (acetone), 37.14 % B, 4.89 % C, 56.34 % D and
1.56 % E. The boiling points of these components and their azeotropes, together with
the azeotropic compositions are given in Table 1. For VLE calculations UNIQUAC
model is applied. The recovery of B is disturbed by the azeotropes B-C and B-E.
(The low amount of A is removed without a significant loss of B). The addition of a
moderate amount of water moves both relative volatilities away from 1.0 considerably
(Hegely et al., 2013), that is, BED using water as solvent is suitable for the removal
of C and E in the fore-cuts more efficiently and with lower loss of B than BD.

Component Ty, (°C) Composition (mass%)

A B C D E
A-B 55.3 86.6 13.4 - - -
A 56.3 100 - - - -
B-C 59.5 - 30.0 70.0 - -
B-E 63.6 - 71.5 - - 28.5
C-D 63.9 - - 94.3 5.7 -
B 64.7 - 100 - - -
C 66.0 - - 100 - -
D-E 84.4 - - - 19.7 80.3
D 100.0 - - - 100 -
E 110.6 - - - - 100

Tablel. Boiling points and compositions of the azeotropes

3. Separation methods

The BD separation of one batch consists of the following separation steps (Hegely et

al., 2013):

e Step 0: heating-up of the column under total reflux. At the end of heating-up, the
condensate is rich in B and C, compositions and temperatures start to stabilize.

e Step 1: taking the first fore-cut, which contains a high amount of C and E in
addition to B. The first fore-cut is incinerated.

e Step 2: taking the second fore-cut, which contains more B and less pollutant than
the first fore-cut. The aim of both fore-cuts is the removal of organic pollutants.
The second fore-cut is recycled to the next batch in order to decrease the loss of
B.

e Step 3: taking the main-cut that is the product B in high purity.

e Step 4: taking the after-cut, which is agueous B. The aim of this step is to remove
B from the still residue, so that the residue can be sent to biological purification. As
the after-cut contains a considerable amount of B, it is recycled to the next batch.
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In the BED process, the steps are the same as presented above, except Step O,

which can be divided into two parts:

e Step Oa: heating-up without water feeding. The step ends as the vapour reaches
the top of the column.

e Step Ob: heating-up with water feeding. Water is fed continuously to the column
causing a decrease in Xpg and an increase in Xpc.

Water feeding can be stopped at the end of Step Ob or it can be still continued during

Steps 1 and 2, as well. In the later case, the loss of B in the fore-cuts can be further

reduced, but this dilutes the mixture from which B is to be recovered and can also

increase the amount of the fore-cuts increasing the cost of incineration and energy.

4. Calculation method
The objective function (OF) to be maximized is the profit of the processing of one
batch. It is defined as:

Q st Q cond

———C,,,m 1
rst cw CpchTCW bio"" "SR ( )

where myc is the mass of the main-cut, mgc; is that of the first-fore-cut, msg is that of
the still residue. pg is the price of methanol (0.46 $/kg), cCinc is the cost of incineration
(0.21 $/kg), cs is cost of heating steam of 3 bar (57.6 $/t), rs is its heat of

condensation (2263.5 MJ/t), Q. is the heat duty (1800 MJ/h) and t is the duration of

the whole process. Qcong IS total heat withdrawn by the cooling water, cpcw is the
specific heat of the cooling water and AT, is the increase in its temperature. Cy iS
the cost of cooling water and cyj, is the cost of biological purification, which are
neglected. (These are not debited to the solvent recovery plant). Therefore, operation
cost is the term related to the heating steam.

The optimization is performed by a real-coded elitist GA written in VBA under Excel.
GA was chosen as OF can only be evaluated by simulation, that is, with a black box
approach. The parameters of the GA: mutation probability: 5 %, population size: 30,
crossover probability: 70 %. OF is evaluated by dynamic simulation using different
modules of the flowsheet simulator ChemCAD. The failure to reach the specified
purity of B (99.5 mass%), is penalized by changing the value of OF to -10,000 $.

The mass of charge is 22,675 kg. The column has 25 theoretical plates (excluding
the condenser and reboiler). The top pressure of the column is atmospheric, the
pressure drop: 0.25 bar. The hold-up of the condenser: 0.45 m®, that of the column:
0.05 m®plate. The termination criteria for Steps 1 and 2 are optimization variables
(Cry and Cr,), while the criterion for Step 4 is based on industrial experiences:

e Step 1: xp c<Cr; (mass fraction of C in the distillate)

° Step 2: XD,c<Cr2

e Step 3: Xuc,A<99.52 mass%

e Step 4: xsre<0.25 mass% (mass fraction of B in the still residue)

4.1. Batch distillation

The optimization variables were the reflux ratios of the steps: R; (1st fore-cut), R»
(2nd fore-cut), R3 (main-cut), R4 (after-cut), and the termination criteria of Steps 1
and 2 (Cry; and Cry). The lower and upper bounds for all reflux ratios were 0.6 and
15. The lower bound of both termination criteria was 0.05 mass%, the upper bounds
were 40 % (Step 1) and 10 % (Step 2), respectively. However, the value of Cr; also
acted as an upper bound for Cr,. Another constraint is added in order to ensure the
recyclability of the second fore-cut to the next batch: the B/C and B/E ratios in the

t-c

OF = PeMpyc = CincMec; —Cy
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second fore-cut cannot exceed those of the policy applied in the plant (basic BD).
Step 0 lasted 360 min. The results were compared with the basic BD, where
R1=R>=R4=6, R3=2, Cr1=20 % and Cry=2 %.

4.2. Batch extractive distillation

The duration of Step Oa was 160 min, after which water feeding (of 15 °C) was
started. Step Ob was 200 min long. Nine variables were optimized: the 4 reflux ratios,
Cry, Cr, and 3 new variables connected to water feeding. These new variables and
their ranges were: feed plate (integer variable, counted from the top of the column
with plate 1 being the condenser): 1< f <13; flow rate: 0< Faer <3000 kg/h; duration
(even integer): 0< tg < 1000 min. (Water feeding was always stopped at the end of
Step 2, even if tr had been longer.)

5. Optimization results

The results for basic BD (Table 2) will serve as a basis for comparison. The optimum
results (after 100 generations) for BD (Table 3) show a significant increase (59 %) in
profit compared to basic BD. The income increased by 8.3 % and the incineration
cost decreased by 4.9 %. The duration of the processes was virtually the same.

First Second Main-cut  After-cut  Income ($) 2397
fore-cut fore-cut
R 6 6 2 6 Incineration cost 469
Duration 404 342 590 446
(min)
Mass (kg) 2232 1487 5211 1225 Operation cost 1635
A (mass%) 0.6 0.2 0.0 0.0
B 46.8 81.4 99.5 67.3 Profit 293
C 43.4 8.7 0.2 0.0
D 0.0 0.0 0.3 32.7
E 9.1 9.8 0.1 0.0
Table 2. Reflux ratios and results for the basic BD process.
First Second Main-cut  After-cut Income (%) 2597
fore-cut fore-cut
R 6.22 3.07 3.05 5.41 Incineration cost 492
Cr 17.5 2.62 - - Operation cost 1638
Duration 438 172 856 320 Profit 467
(min)
Mass (kg) 2341 1267 5646 880
A (mass%) 0.6 0.1 0.0 0.0
B 47.4 82.3 99.5 57.1
C 42.4 7.8 0.3 0.0
D 0.0 0.0 0.1 42.9
E 9.6 9.8 0.1 0.0

Table 3. Results for the optimized BD process.

R; is practically the same as in basic BD, but slightly greater amount of first fore-cut
is taken, as Cr; us lower. The lower R, and higher Cr; result in a lower amount of
fore-cut, and a lower loss of B (even if the B content is higher, Figure 1), and at the
same time the shorter Step 2 enables a longer Step 3 without increased process
duration. The increase of R3 has a very significant effect, as a much higher amount
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of main-cut can be obtained. Figure 1 clearly shows how much longer Step 3
became. Both the duration of Step 4 and the amount of the after-cut is lower,
because B was already removed to a greater extent from the still during Step 3.

basic BD Step O Step 1 Step 2 Step 3 Step 4
100% o
-
4 \
an% /
/\‘
80% \
70%
A basic BD
F 60 — basic BO
w === basic BD
£ basic B0
S D basic
E o =t basic BD
E A optimized BD
& aow - =B optimized BD
= =C optimized BD
0% D optimized BD
- = optimized BD
20%
10%
% p o i
0 5 10 15 20 25 a0 35 a0
optimized Step O Step 1 Time (h)  Step 3 Step 4

BD Step 2

Figure 1. Evolution of condensate composition for the basic and optimized BD
processes.

Comparing the results of BED (Table 4, Figure 2) and the optimized BD process, a
further increase in profit (by 69.8 %) can be observed. Though process duration and
thus operation cost increased, this was offset by a strong increase in income and
decrease in incineration cost. Water feeding had important favourable effects.
Although R; was slightly higher, the mass of the first fore-cut (and the duration of
Step 1) was lower. The B content of the first fore-cut was much lower, which means a
much lower loss of B, finally resulting in higher recovery by 15.6 % and higher profit.
R2 and Rj3 are slightly higher, while R4 is slightly lower. The optimal feeding location
is the top plate of the column. Water feeding is still continued for 386 min during Step
1, as well. Its optimal flow rate is moderate, and therefore the liquid volume in the still
never exceeds its value when the charge begins to boil.

First Second Main-cut  After-cut Income (%) 3003
fore-cut fore-cut
R 7.74 3.41 3.48 4.72 Incineration cost 390
Cr 18.7 3.83 - - Operation cost 1820
Duration 408 136 1092 388 Profit 793
(min)
Mass (kg) 1855 896 6529 1157
A (mass%) 0.7 0.2 0.0 0.0
B 22.9 85.2 99.5 52.3
C 54.1 9.1 0.4 0.0 f 2
D 6.0 0.5 0.0 47.7 Fwater (kg/h) 283
E 16.3 5.1 0.1 0.0 te (min) 574

Table 4. Results for the optimized BED process.
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Figure 2. Evolution of condensate composition for optimized BD and BED.

6. Conclusions

The recovery of methanol from a multicomponent azeotropic waste solvent mixture
was studied by dynamic simulation and optimization. The components of the mixture
(acetone-methanol-THF-water-toluene) form several minimum azeotropes limiting the
recovery of methanol by traditional batch distillation (BD). By batch extractive
distillation (BED) using water as solvent (entrainer) the separation process can be
made more profitable. The optimization of both BD and BED processes was
performed by a genetic algorithm coupled with the ChemCAD professional simulator
performing the dynamic simulation. The objective was to maximize the profit for one
batch. The optimization variables were the reflux ratios of all operation steps, the
termination criteria of the two fore-cuts, location, flow rate and duration of solvent
feeding. The appropriate composition of the fore-cut to be recycled was ensured with
additional constraints. Both optimized BD and BED processes provided much higher
profit than the original BD process. The highest profit was reached by the optimized
BED process.
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Abstract

Early distillation trays used very heavy construction techniques, often
being built from plate materials welded directly to the pressure vessel
shell. In the 1930s Glitsch introduced a lighter construction method
using sheet metal components. The limitations of this construction
method are mainly in maximum span length of the deck panels —
beyond approximately 3 m [10 ft] in length the panels require
additional beams for support.

As the size of new olefins and aromatics plants has steadily
increased to benefit from economies of scale, we are seeing the
need for structural beams more frequently. Structural beams must
provide the structural support for the trays, respecting maintenance
and operational loads while meeting required limits for deflection. At
the same time it is important the structural beams do not interfere
with the flow of liquid and vapour across and through the trays. The
widely used method of trusses for tray support is effective in meeting
these needs, but is very labour intensive in the field, often requiring
the beams to be constructed from individual members that must be
welded together inside the tower.

New mechanical design construction techniques using Sectionalized
Beams and Ported Downcomers will be presented. These novel
design improvements reduce material use and involve greater
utilization of shop fabrication, reducing field installation time. The
improved efficiencies of these designs result in significant time and
cost savings. The new designs also allow improvements in
resistance to the potential for damage caused by process upsets or
harmonic vibration.

Keywords
Distillation, Tray, Mechanical, Construction, Beam

1. Introduction

to the active deck panels.

The distillation equipment of a century ago used construction techniques that would
today be considered excessive in terms of material thickness and weight. Tray deck
panels were either fabricated separately from their supporting members or welded
directly inside the pressure vessel. Glitsch introduced a more efficient lightweight
construction method* in the late 1930s using support flanges that are formed integral
Later developments included the introduction of finger
joints that improved process performance by reducing the distance across tray joints
while eliminating a major portion of the bolted connections required for installation. In
the early 2000s FLEXILOCK™ tray construction? further improved on the finger joints

by providing a positive locking connection between adjacent deck panels.
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significantly reduced tray installation time in the vessel shop or in the field and
provided improved resistance to panels shifting due to upsets or vibration. One
remaining area of high cost is the use of heavy and complex structural beams. We
present some novel, recent developments in the mechanical design of trays and
tower internals that aim to provide improvements in this area.

1.1 Traditional Tray Support Beam Designs

Current designs for distillation trays allow them to be self supporting up to a diameter
of approximately 3 m [10 ft] depending on the applicable requirements for deflection
and mechanical loading. Even for large diameter towers, if there is a sufficient
quantlty of downcomers, the downcomer may still be used to support the tray, though

. R this may not always provide the most efficient
use of materials. If the span of the horizontal,
active decks between the downcomers
exceeds 3 m (10 ft), major support beams
will usually be required. These beams may
be provided in a variety of configurations: ‘C’
channels; forged ‘I' beams or; ‘I' beams
- made using back-to back C channels.
.- Depending on the required span of the beam,
mechanical loading, and allowed deflection
. criteria, the beam thickness and depth may
need to be increased. Ultimately the beam
depth has to be limited to avoid unwanted
interaction with the hydraulic and mass transfer operation of the tray. A common way
to achieve the aims of support and deflection is by using trusses (Figure 1 —
sometimes referred to as “lattice beams” — but, more correctly, this is a “Pratt” truss).
The truss is a structural support constructed of an interconnected web of structural
members. A single level of trusses is used to support two or more levels of trays. In
rare cases the trusses may be shop fabricated and installed in the vessel — either
during the initial construction phase before the vessel heads have been welded in
place or via a larger than typical manhole access. Installation in the vessel shop
requires careful coordination between the tray manufacturer (who will design the
beams) and the vessel fabricator (who will install them). More typically the trusses
are installed in the field. In cases of tower revamps when the beams require
replacement or modification, field work is generally unavoidable.

Flgure 1 (from reference 8)

2. Improved Support Beam Designs
2.1 Sectionalized Beam

A recent development that is replacing
the use of trusses and deep solid beams
is the Sectionalized Beam® (Figure 2).
The main concept of Sectionalized
Beams is to provide a design that
maximizes the use of shop fabrication
and minimizes field work, particularly
welding, to greatly speed up the

Figure 2
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installation process. Sectionalized Beams, as with trusses, can be used to support
multiple levels of trays. The beam is split into two sections longitudinally. In its
simplest application where one beam is used to support two levels of trays, the two
halves of the beam are only slightly more than one half of the nominal tray spacing in
height, and so are capable of passing through a typical vessel manhole.

The lower half of the beam is installed first and
levelled, using optional shims, on beam seats,
one at each end of the beam. The upper half is
then brought into the tower and connected to
the lower section via locating holes surrounding
a series of pins (Figure 3) that transfer the load
from the upper beam segment to the lower.
These load transferring pins and associated
connectors also serve to stiffen the joint and
resist lateral deflection. Openings in the beam
provide necessary passages for
communication of the froth and vapour space
above the tray deck. Additional openings may be provided in the beam web as
deemed necessary. Material utilization is extremely efficient since the two halves of
the beam are cut from the same piece of raw material with minimal scrap.

Figure 3

Maintaining the effective levelness of the tray deck panels has been demonstrated to
be important to ensure optimal mass transfer efficiency®. The two-part beam can
readily be fabricated with an upwards camber to compensate for deflection, reducing
the required thickness and weight of the beam. After adding the dead load of the tray
deck panels and operating process fluids, the beam and tray assembly becomes
level within the defined tolerance.

Weight savings compared to traditional trusses will vary depending on the tray
spacing. In the example shown in Figure 4, an 8-pass high performance
SUPERFRAC™ tray was supported using two Sectionalized Beams per each pair of
trays. In this case the tray spacing was low enough that the complete beam was
able to pass through the tower manhole. To further improve the speed of installation,
the two halves of the beam were welded together in the Koch-Glitsch shop and
supplied as a completed unit.

Compared to a traditional truss, the use
of Sectionalized Beams allowed a weight
savings of nearly 20%. At the time of
writing, all fabrication is complete, but the

= = g trays have not yet been installed.
L‘i‘i‘Iﬁ —axak LX) _— Estimates are that the Sectionalized

= 1k Beams will save at least eight hours per

e —ax 10 S tray for the field installation time. This is
especially significant considering that this

Figure 4 olefins splitter tower has over 150 trays.

The beams in this ~10 m [~33 ft]
diameter tower are fabricated with an upwards camber and on installation they will be
level within a 6 mm [.236 in] tolerance.

102



2.1.1 Other Applications of Sectionalized Beams

The use of Sectionalized Beams is not limited to distillation trays — they have also
found use to support other types of column internals, such as collector trays and the
support grids for random and structured packed beds. In one such example, a ~9.5
m [31 ft] diameter refinery vacuum column required the emergency replacement of
several large wash bed support beams that were severely corroded. Normally in
such situations to avoid delays the original equipment is re-supplied exactly as
originally made. In this case additional constraints included no welding allowed inside
the tower and the beams to be removable through a 600 mm [24 in] nominal manhole
size. The original trusses were replaced by new Sectionalized Beams.

2.2 Ported Downcomer Beam

Commonly, for trays that have downcomers, the
downcomer is made in two pieces with only the
upper section of downcomer used to support
the horizontal deck of the tray. Frequently this
requires that the upper downcomer be
fabricated from a much thicker material gauge
to provide the necessary support. The “Ported
Downcomer” (Figure 5) is a new concept that
was recently introduced and has now been
applied in approximately 20 commercial
designs. The Ported Downcomer uses the
entire downcomer height as a beam, extending
slightly through the tray below. The downcomer
clearance, by which liquid exits from the downcomer, is in this case provided by a
series of rectangular windows or ports — from which the device gets its name.

Figure 5 Patent Pending

The structural webs between the ports restrict the downcomer escape area to a small
extent — in some cases this is desirable if the liquid rate is very low or if required to
control the flows from off-centre downcomers of multi-pass trays. For a given
required downcomer escape area, the use of ports will require a slight increase in the
downcomer clearance. A common design practice for many years has been to make
the outlet weir of the tray slightly taller than the downcomer clearance. In extreme
cases with high liquid rates the increased ported clearances may result in a
perceived loss of this static downcomer seal. In most situations the liquid rate is high
enough that the downcomer remains dynamically sealed. The sealing mechanism for
dynamically sealed downcomers is quite well understood®, having been used with
high performance trays, such as SUPERFRAC™ trays, for more than 20 years.

Ported Downcomers provide improved stiffness and reliability compared to traditional
downcomer beam supported trays. The absence of major beams within the mass
transfer zone of the tray results in improved hydraulic performance. Savings are also
passed on to the vessel fabricator who has to weld in fewer beam seats. End
reactions of the Ported Downcomer beam are transferred to the vessel wall through
the downcomer bolting bars. Overall installation time in the vessel shop or in the field
is reduced due to the reduced quantity of tray parts and reduced weight of major
structural components. The two trays above and below the Ported Downcomer are
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more positively coupled together, greatly reinforcing the entire tray structure.
Additional reinforcing struts and shear clips can readily be applied if necessary for
added resistance to uplift or vibration effects.

3. Tray Vibration

A number of studies have been made into the causes of tray vibration. Winter® notes
that the auto-pulsation frequency increases with increasing tower diameter.
Improvements in computer power have made techniques such as finite element
analysis (FEA) much more readily available to engineers. Using such techniques we
can now more efficiently evaluate the potential of large diameter tray designs for
vibration issues.

3.1 Vibration Case Study

A new 4 m [14 ft] diameter distillation tower was to be constructed containing 2-pass
trays. The client had a history of problems related to vibration-induced tray damage
in a similar reference tower. Key targets
for improvement in the new design were
increased rigidity and higher fundamental
resonance for improved resistance to flow-
induced vibration. The reference design
(Figure 6) used a network of shallow
interconnected support beams. Multiple
beams restrict tray accessibility and can
impact tray performance. In particular,

o k.: beams perpendicular to the liquid flow

P 1 direction have been observed’ to result in

s L " as much as 10% loss of tray capacity,

;;;:6 depending on the beam depth and tray
spacing.

Two designs were evaluated: the first using Sectionalized Beams and the second
using Ported Downcomers combined with integrated supports. The effectiveness of
the proposed designs was evaluated using FEA (Figures 6-9) to determine the
fundamental resonant frequency and compared with the reference design that was
known to suffer from vibration-induced tray damage. The fundamental resonance
predicted for the major support structure of the reference design was relatively low at
approximately 19 Hz, and within a range that is commonly believed to be susceptible
to excitement by flow-induced vibration within tray towers

3.11 Design Using a Sectionalized Beam

The first option used a single sectionalized
major beam on the tower centreline,
running parallel to liquid flow (Figure 7).
This design showed a significant increase
in the moment of inertia of the major
support members which increased the | Y
fundamental resonance of the support | e e

Maamum Vilue 238037 mm.

structure from 19 Hz to 51 Hz. In addition | #emseem e s

1< Deign Seenang 1> —T Jis ]

Figure 7
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to the mechanical design improvements, there were additional benefits of improved
access for maintenance.

3.1.2 Design Using Ported Downcomers

Mose 1015
Frecuney 66.3:98 cyuiess
Maamum Vaiue: 2 00E8S mm
Minsmum Vaue 0 em

1« Dl Scenanin 1 3

Figure 8

A second option used ported side and
centre downcomer beams without any
major beams (Figures 8 and 9). Additional
reinforcement strutting was provided
between tandem tray assemblies to
interconnect all of the trays. This design
increased rigidity and increased the
fundamental resonance of the support
structure to 68 Hz, yielding increased
resistance to flow-induced vibration.
Interconnecting the trays allowed the
design to better accommodate any
variations in the exciting frequencies in
different sections of the tower.

Both designs eliminated the network of
shallow beams, resulting in less
segregation within the tray space for
increased access during installation and
maintenance of the trays. The improved
access meant that fewer tray manways
were required; resulting in fewer bolted
connections and improved reliability. The
new design also required simpler tower
attachments to be welded to the vessel
shell due to the need for fewer beam
seats. A reduced overall quantity of tray
parts also shortened the installation time.

4. Conclusions

Mode 1075

Froouency 505594 cties's
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Minmem e © rm
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Figure 9

The alternate designs presented in this paper achieve significant improvements in
the predicted natural frequency of the major support structure. Elevation of the
natural frequency of the major support structure reduces the risk of excitement by
flow-induced vibration within the system, as well as the risk of creating multiples that
could support excitement by vibration in the active area of the tray.

While the Sectionalized Beam yields a necessary improvement in rigidity and
represents a more effective design for installation, the Ported Downcomer beam
provides the most optimal design in terms of rigidity, reliability, installation and

access.
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When evaluating the cost of a new large-diameter fractionation vessel, it is important
to consider the method of structural support of the mass transfer internals as this can
significantly impact the total installed cost. Alternatively, when revamping towers
where structural beams require replacement, consider the time savings possible
using new beam designs compared to traditional designs that may require significant
amounts of welding inside the tower.
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A High Capacity Retray that Wasn't -

A Practical Lesson in Counter-Intuitive Thinking
Sean Hennigan- Separations and Heat Transfer Advisor
BP Chemicals Ltd, Hull, United Kingdom

Abstract

This paper presents a column limitation problem that was diagnosed
and solved by applying “technical troubleshooting” techniques.
Powerful analyses from basic plant data can be employed to pin
down where and why column limitations have been reached; these
can be derived just from plant data and spreadsheets without a great
deal of complex simulation. The problem diagnosed by this technique
is also offered as a clear lesson on the need to follow through all the
implications of changes to column design (and in this case changes
to those changes) that often involve several iterations. A key and
somewhat counter-intuitive point is that installing a high capacity
device may not always make things immediately better, in this
example the retray appeared to reduce capacity.
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1. Introduction

The following system as shown in Figure 1 was subject to debottlenecking. It is a
medium sized, simple column that separates light component A from a set of heavier
components characterised by a key component B for the purpose of this analysis.
Component A is an impurity to be removed but has the potential to be a high value
product in its own right , so there is economic incentive to keep the system steady
and to keep overhead stream of this column as rich as possible in A.

>90% A
<10%B

Feed ====

Sieve trays

B ——

Mainly B

Figure 1

Lack of separation was noted as reduction in the absolute recovery of A overhead -
analysis of tray performance both in-house and with the vendor suggested that the
sieve trays in place were close to flooding, particularly in the column base and a plan
was developed to preheat the feed to this tower to reduce internal loads below the
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feed , (effectively keeping the same internal loads above the feed point through a
fixed reflux ratio) and also retraying the tower throughout with higher capacity fixed
valve trays. These new trays are based on the same active area as the existing trays
SO any increase in capacity should be modest (5-10%), but the open area was
effectively doubled, which has a major effect on pressure drop.

Due to several issues with project scheduling a decision was taken to install the
preheater at a later phase, and to go ahead with the retray only.

Upon restart it was immediately clear that pressure drop and stability of the column
was worse than pre-retray conditions as was the recovery of A, all indicative of some
kind of hydraulic problem within the column.

A detailed “triple check” analysis of flooding potential was employed to analysis this
problem. If carried-out correctly this can provide a very powerful argument for the
existence of a jet flood point and can pin down the loading at which this occurs to a
very precise region. This analysis requires a set of real time plant data from a plant
historian or similar software that can be easily transferred to spreadsheet format. The
following calculation procedure was used..

e Determine the latent heat A (kJ/kg), and liquid densities p. (kg/m3) at bottom
of the column. These properties are assumed not to change over the
operating envelope.

e Develop a relationship between system pressure Ps (bara) and vapour density
pv (kg/m3) - this is easily obtained from physical property databases or
approximating a function of density to system pressure and temperature. For
the following analyses the density was approximated from the basic ideal gas
equation (PsV = nRTy) taking the pressure and temperature from plant data
and adjusting the molecular weight to match the predicted vapour density.

e Details of tray active area A, (m2) are obtained from the tray data sheet.

e Gather plant historian data on column DP, measured reboiler duty and base,
temperatures, process these data to give the following inferred parameters.

N.B. subscripts T, g refer to column top and column bottom respectively.

Very simply, knowing the reboiler duty Q (kW) we can infer the vapour velocity (vg
m/s) on the tray active area at the lowest tray as follows..

Q 1

Vg =———————
Pup-Ap-App

Equation 1

The C factor ( a simple measure of entrainment potential) can then be simply
calculated at the bottom of the tower

fu)
= |—TT -1
JPr=r)
Equation 2
According to Kister’s rules of thumb (Ref 1) a typical limiting C factor around the

threshold for jet flood for typical tray spacings of 18 -24 inches is 0.07 - 0.1 m/s for
sieve trays and 0.09 - 0.12 m/s for valve trays.
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A similar view is obtained from Branan (Ref 2) for trays with an F -factor of 0.1-0.2
which is in the region of operation of these trays.

Another rule of thumb derived from Lieberman (Ref 3) for the same kind of tray
spacing and liquid specific gravity in the range of these components suggests that a
measured tray pressure drop as high as 8-12 mbatr/tray is likely to be an indicator of
the start of entrainment.

A third guideline from several texts notably Kister (Ref 4) leads us to expect that if we
plot some measure of column internal load, be it reflux + overhead flow or steam to
the reboiler against column pressure drop we should expect a discontinuity in the
curve when the column is near the flooding point .

The “triple -check” method incorporates all three of these rules into one picture,
plotting the heat balance derived C factor along the abscissa and the pressure drop
per tray (simply total pressure over number of trays) up the ordinate. If we see a
change in gradient around C = 0.1 m/s and DP/tray of 10 mbar/tray then we will have
located the column flooding limit by 3 independent measures.

2. Results and discussion

An analysis of the internal loads was carried out in this way based on the reboiler
steam flow as a measure of the column internal loads - the vendor and internal
simulations all suggested that the base of the column would be the highest load,
even with feed preheat, so focussing in on flooding behaviour around the column
base should give the clearest picture.

2.1 Analysis of column performance pre-retray and immediately post-retray

Figure 2 below shows the “triple-check” plot for both pre-retray and immediately post-
retray data. For pre-retray there is an increase in the slope of the pressure drop vs
C-factor data around 0.09 m/s and at a pressure drop of 11mbar/tray. All three of
these criteria point to a column flooding condition for sieve trays.

For the post retray data the C-factor is around 10% higher than the pre-retray case
even though the steam to the column is kept the same, plus the pressure drop per
tray is generally higher, not lower as expected.

At face value the high capacity trays have delivered a worse performance than the
old trays, which opened up several debates about tray quality, installation etc.
However because this “triple-check” method gives a much bigger picture of the
column limitation this analysis was able to conclude a more subtle and counter-
intuitive explanation and short term fix.
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2.2 Analysis of column performance with increasing system pressure

A simple way to move a column away from jet flooding (particularly columns at low
pressure) is to increase the system pressure. This was carried out in several stages
and the curves below in Figure 3 show the effect of this (white circles were base
case, diamonds were moderate pressure increases, crosses were the highest
pressure). The plots show a tentative location for the new flood point for these new
trays as there is a change in gradient at the highest pressures. More significantly the
overall pressure drop of the system halved, the column became more stable and
signs of improved recovery of A overhead was seen.
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Figure 3

Figure 4 below shows the longer term performance of the system after continued
effort to optimise head pressure. From this it can be clearly seen that the C-factor at
flood is around 5-10% larger for the post retray case; a reasonable expectation for a
sieves to valves revamp of the same active area. Without accounting for the effects
of pressure the trays misleadingly appeared to have a lower capacity.
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A flooding calculation was carried-out and summarised in figure 5 below. For this
analysis the “Glitsch Equation 13” method (Ref 5) was used for the new valve trays
and the FRI sieve tray model (Ref 6) for the old sieves. An 85% flood limit is a usual
design guideline and clearly for the sieve tray case this was exceeded.

The yellow points show the pre-retray predictions for the sieve trays, the blue points
show the same data based on the Glitsch Equation 13 calculation as a simple
comparison of the potential benefit in going to valve trays with the same active area.
The purple points show the calculated Glitsch Equation 13 flood on new data
immediately after the retray. It is noteworthy that this is a very low surface tension
system, so misses out on the crediting effect that surface tension can have on jet
flood. Glitsch Equation 13 similarly does not credit for surface tension so it is
perhaps not too surprising for a system like this to see real signs of flooding when the
prediction is 85-90%.
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3. Conclusions

The key result from all of these analyses is the fact that the C-factor at the base was
higher after the revamp. The process of installing the high capacity trays above the
feed actually required the trays in the column base to do more capacity than they had
gained. A lower pressure and therefore a lower vapour density and high vapour
velocity was effectively being transmitted to the base trays, so without installation of
feed preheat the real loading on the base trays is significantly higher than before.
The new base trays have in theory a modestly higher capacity (recall that the active
area is the same so one would not expect too much capacity increase), but were
being loaded beyond this improved capacity due to the dramatic reduction in
pressure drop (and hence pressure) above the lowest trays. For the full potential of
the column to be realised, it needed both the feed pre-heat and the retray.

A moral from this experience can be simply stated: for low pressure systems avoid
debottlenecking a tower by putting low pressure drop devices above the flooding
pinch point unless you have fully accounted for the change in vapour densities. The
low pressure drop transmits the low column top pressure to the bottom - even for the
same mass loadings, the vapour velocities, C-factors and hence approaches to jet
flood all increase in the column base. Carefully consider pressure drop implications
and if necessary always iterate these changed pressure drops back into the sizing.
This situation is particularly acute for packings over trays where the pressure drop
can be an order of magnitude lower than the equivalent trayed system. Shortly after
this experience in another part of the company a proposal to debottleneck the top of
a column by going from trays to packing was swiftly re-appraised and rejected after
applying these lessons.
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Influence of tray geometry and hydraulic conditions on vibration

induced damages of sieve and valve trays
Christian Geipel*, Andreas Wolgast*
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Abstract

The present paper is a summary of observations on failures of trays
in various industrial applications. The affected trays include fixed
valve trays (type SVG and SRV), movable valve trays (V1-valves and
A3-cage valves) as well as sieve trays.

Different incidents are investigated to derive general indications that
promote vibrations and — as a consequence — failures of the trays.
The failures are analyzed with regard to valve types, special design
features as well as operating conditions that lead to the failure. The
basis is operating data and pictures of the damaged trays.

Also the failure modes of the trays are investigated in detail to derive
the destruction mechanism. Where possible video sequences
through a sight glass were taken in operating columns to visualize
gas and liquid flow as well as vibrations. These findings were
compared to experimental results in a pilot plant with a transparent
column.

General design features that promote vibrations in combination with
special operating conditions like low liquid load could be identified.
The position of all operating points in the operating range has to be
carefully investigated with respect to parameters that influence tray
vibrations.

Based on these findings, guidelines for potentially critical trays were
derived. These include mechanical design criteria as well as process
and hydraulic design guidelines.

Keywords
Tray vibration, mechanical failure, design guidelines

1. Introduction

Vibration induced tray damage is a known phenomenon since long time. First
approaches to predict when harmful vibrations will occur date back to the 1970s’ or
even earlier. However, reliable theoretical models that predict vibration are still
scarce. Rigorous guidelines that could be used during design of trays are still not
publically available.

The present paper gives an overview on some reasons for vibration induced
damages.

A phenomenon that is not further discussed here is heavy pressure fluctuations in the
column. These could be caused by high liquid level in the bottom of the column
flooding the bottom trays, steam hammering, vacuum collapses or e.g. free water
flashes. Often one single incident already leads to destruction of one or several trays.

Other vibration phenomena mentioned in literature are caused by the gas-liquid
interaction on the tray. Different root causes for vibration induced tray damage are
distinguished:
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e One reason is so called “liquid swashing™*. Under certain circumstances a
standing wave across the column diameter can built up. The wave is
perpendicular to the liquid flow, pulsating at low frequency. Typical
frequencies are below 5Hz.

e Another type of vibrations occurs when the pulsations created by the gas-
liquid interaction excite the resonance frequency of the tray. The excitation is
created by the forces resulting from bubble formation or jet flow pulses at the
valves or orifices®®. This phenomenon is the most investigated among the
listed effects, also because it often leads to tray damage within very short
time. Several authors agree that resonance occurs at low liquid and gas loads.
Therefore it can lead to tray damage already during turndown operation of the
column at startup. Typical frequency of the tray vibration is in the range of
approx. 15 — 40 (60) Hz.

Several authors have shown that only the gas load that was present during vibration
did not lead to vibration on a dry tray.

2. Results and discussion

Subject of the present article is a summary of failures of operating trays in various
industrial applications, including sieve, fixed valve and movable valve trays.
The following types of trays were affected by vibration cracking:

e Valve trays with big fixed valves: SVG and SRV

e Valve trays with movable valves: V1 and A3

e Failures for sieve and dual flow trays have also been observed

2.1 Characteristics of the affected trays

Mainly tray diameters in the range of 1800 - 3000mm with only one pass and
resulting long weir lengths and sometimes huge enveloped downcomers were
affected. It was observed that often designs with long tray segments were used. For
bigger tray diameters >3200mm mainly two pass trays were affected.

All types of trays had integrated support beams (bent panel edges) and no lugs or
support brackets below the downcomer.

Often the trays were designed for low Ap of < 20mmWC (dry) respectively gas hole
velocities of <11m/s at 100% load.

The failures happened at operating points with low liquid load combined with low gas
load and therefore at unit references below 100%.

In the following, the effects occurring will be explained exemplarily for trays equipped
with V1 valves.
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2.2 Investigation of tray failures of V1-valves

Figure 1 and 2 show operating points that lead to tray damage in production

columns.
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The failures in the two cases were quite similar to other cases examined: Vibration
crackings in tray segments starting from the corner of the bent part through the next
opening (screw or valve hole) and then in a zigzag pattern through the next valve or
sieve holes (see Figure 3). Often pieces up to the size of a hand palm break out of
the tray.

Flgure 3: Typlcal fallure patterns of V1-valve trays

Furthermore, whole tray segments were torn out of their bolting. The destruction is
often more pronounced at the inlet side of the tray. It was observed that about 30-
40% of the V1 valves were dislocated and traces of turning and scratching were
observed on the top and bottom side of the tray (see Figure 3, right). This happened
regardless of the valves being equipped with an anti-rotation device or not. From the
valves that were found on the tray always one leg was broken off.

Cracks at the downcomer formed in parallel with the screw line at the small brackets
fixing the downcomer wall. Also these brackets themselves often break (see
Figure 4).

.~
Figure 4: Broken downcomer bracket
The mechanisms leading to the failure were examined in several steps:

e First movies were taken through the sight glass of the affected columns. Even
though the destruction had already happened, the trays were still vibrating at
low frequency of < 5Hz with amplitude of approx. 20mm. (-> movie will be
shown during presentation)

e In a second step pilot plant experiments in a transparent 1.5m column were
carried out. The gas factor was varied in ranges close to those in the real
column. It could be shown that in a certain range the valves started knocking
synchronously. This already can be considered as one source of vibration,
although the liquid will also have an influence on the forces on the tray. (->
movie)
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When the liquid load was added, heavy weeping was observed. Also, the
height of the liquid level on the tray started pulsating. Consequently, also the
flow over the weir pulsated heavily and there is an intermittent gas bypass flow
through the downcomer. These pulsations lead to heavy vibration of the trays.
In the pilot plant column we reached a condition where the trays were ruptured
out of their boltings within seconds. (-> movie)

With these experiments the failure mode became much clearer. Similar experiments
and theoretical investigations were also done for other valve types. The following
general observations could be derived.

2.4 General observations for different valve types

Observations in pilot plant and industrial size columns showed that:

Generally low gas loads — often combined with low liquid loads — can cause
vibration of tray segments und thus damage of the tray

If V1-valves are not fully open, they tend to knock in the same frequency

If A3-cage valves are not fully open, they can show strong vibration and beat
or clash

All-cage valves can show very strong vibration before they are fully open
Already deflection of the tray segments in the range of 22mm can lead to
gas/liquid maldistribution. In critical operation regions this maldistribution can
lead to vibration. Also inclination of the trays and long flow paths favor
vibration.

The visible amplitude of the integrated support beams is often >20mm (at
variable frequency)

3. Conclusions

The analysis of the above mentioned phenomena leads to the following guidelines for
tray design if the tray is operated in regions where vibration is considered is to be
possible:

Avoid integrated beams and use separate beams with gusset plates, lugs etc.
Use more, narrow segments instead of bigger ones

Use thicker tray decks, e.g. 3mm instead of 2mm. The effect on Ap
respectively weeping has to be considered!

Where possible, use more robust caged valves instead of V1-valves

Use reasonable turndown rates. Allow sufficient gas velocities resp. pressure
drop, especially for crossflow trays

Block weir length at low liquid load (no notches) and increase weir height (if
possible)

Use a combination of light and heavy valves if possible

Use inlet weirs with liquid seals 215mm at low liquid loads

For trays that operate in a regime that could favor vibration inclinations or
deflections have to be strictly avoided!

Also the operating range of the column should be defined carefully. Especially
huge operating ranges combined with strict pressure drop requirements favor
vibration in low load regions.

The above investigations have pointed out indications of proneness to vibrations of
trays. The desired load points have to be checked carefully concerning their location
in the tray performance chart. All operating points including startup, turndown etc.
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have to be considered. If a risk of vibration is identified for a tray, the design criteria
listed above should be considered.
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Abstract

A novel reactive dividing-wall distillation column with two reactive
sections (RDWDC-TRS) was proposed for the separation of
cyclohexene/cyclohexane mixtures, based on both a coupled
process consisting of two reactive distillation columns and a dividing-
wall column. The synthesis and design of the RDWDC-TRS were
studied and the optimum process designs of the RDWDC-TRS and
the coupled process were derived in terms of the minimization of total
annual cost (TAC). Detailed comparisons were then conducted with
the coupled reactive distillation columns in steady-state performance.
It was found that the RDWDC-TRS was effective to separate the
binary mixtures of cyclohexene and cyclohexane and achieve almost
complete separation of the two components. In comparison with the
coupled reactive distillation columns, the RDWDC-TRS featured a
relatively high degree of reduction in capital investment and space.
To the best of our knowledge, the structure of the RDWDC-TRS is
firstly proposed for the separation of the binary mixtures of
cyclohexene and cyclohexane.

Keywords
Reactive distillation; Integration; The coupled process; Dividing-wall
column; Design

1. Introduction

Cyclohexene is widely used in industry as raw material for the synthesis of
cyclohexanol, which can be manufactured from cyclohexene via one-step hydration
in the “Asahi Process” [1]. However, under industrial conditions, the cyclohexene
feed as hydrocarbon will usually contain cyclohexane playing a role of an inert
component, which will inevitably make an unfavorable effect on the production of
cyclohexanol. Therefore, it is desirable to separate the cyclohexene/cyclohexane
mixtures by using a separation process. Thus, Steyer et al [2] designed a feasible
coupled process to reactively separate cyclohexene and cyclohexane leading to quite
high purities, which cannot be easily achieved by conventional distillation due to the
very close boiling temperatures of cyclohexene and cyclohexane. Although the
coupled process was feasible to gain a high degree of separation, the employment of
multiple reboilers and cyclic streams between the reactive distillation columns
reminded us of the possibility of further enhancing its process design through the
further reinforcement of internal mass integration and internal energy integration. In
this paper, based on the principle of an innovative dividing-wall column by Schultz M
A and O’'Brien D E [3], a new reactive dividing-wall distillation column with two
reactive sections (RDWDC-TRS) is proposed to reactively separate the
cyclohexene/cyclohexane mixtures. Optimal flowsheets of the coupled structure and

119



the RDWDC-TRS will be obtained by minimizing total annual cost (TAC).
Furthermore, the detailed comparison of the two designing schemes will be made.

2. Results and discussion
2.1 Kinetic and thermodynamic models

2.1.1 Kinetic model
This system only consists of one-step hydration reaction. The hydration reaction is
shown in the following:

CH,,+H,0< CH, OH (1)
The kinetic expression of this system with Langmuir-Hinshelwood form can be
obtained from Steyer and Sundmacher [4]:

KeneKHZO
r= mcatkhet S aeneaHZO _arwl (2)
(1 +aeneK53§ +aH20KzZ/§'O +an01K:5;)2 Keq

The reaction equilibrium constant K, and reaction rate constant k,, are given as
follows:

1 1
K =429 3390 x| ———— 3
“ XeXp{ X(T 298]} )
—-93687
khet:7.71><10]2><exp( It ] (4)

Where Ris gas constant [J mol™ K], T is the temperature [K]. And in eq. (2) the
adsorption constant (XK, ) for water (H,0), cyclohexene (ene) and cyclohexanol

(nol) are equal to 19.989, 0.056839 and 0.77324, respectively.

2.1.2 Thermodynamic model

In this studied system, there are four components: cyclohexene (ENE), water (H20),
cyclohexanol (NOL) and cyclohexane (ANE) as an impurity. In this paper, the NRTL
model is chosen for the description of the vapor-liquid and liquid-liquid equilibrium
behavior in the system. The model parameters of this system can be found in Steyer
and Sundmacher [5] with two pairs (cyclohexene-cyclohexanol, cyclohexane-
cyclohexanol) re-fitted via using regression by Hao-Yeh Lee et al [6] and readjusted
by this paper from the experiment data. The boiling point temperature of the
components in this system is 80.78 'C (ANE), 82.88 'C (ENE), 100.02 C (H20) and
160.84 'C (NOL), respectively. And the azeotropic point temperature is 69.41 C
(water-cyclohexane), 70.71 °C  (water-cyclohexene) and 98.33 C (water-
cyclohexanol), respectively.

2.2 Design flowsheet

In this section, the total annual cost (TAC) based on Douglas [7] was used to find
optimal design variables. The TAC includes the operating cost and the annualized
capital cost. The operating cost includes steam for the reboilers, cooling water for the
condenser, and catalyst cost. The capital cost includes the column shell, internal
trays, reboilers, and condenser. A capital charge factor of 3 years is assumed in the
calculation.

2.2.1 The coupled process
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The coupled structure (Figure 1A) is made up of two reactive distillation columns. The
first reactive distillation column (C1), where the hydration reaction takes place, is
designed to obtain the impurity cyclohexane. The second reactive distillation column
(C2) is a cyclohexanol splitting column for producing cyclohexene. The operating
pressure of this system is selected at atmospheric pressure.

For the two columns, the design variables includes: number of stage of the rectifying
section, the reactive section, the stripping section; the feed locations; the location of
the aqueous or organic phase recycle stream. In addition, the cyclohexane
composition (x,,. .,c) at the bottom of C1 is designed as the main variable of this

coupled process due to the increase for C1 and the reduction for C2 of energy
consumption as the x,,, ., 90ing up.

In the simulation of the system, vapor-liquid-liquid equilibrium is allowed in each tray.
The water feed flow rate is set to be 80 kmol/h and the feed flow rate of the mixtures
is assumed to be 100 kmol/h with cyclohexene of 80 kmol/h and cyclohexane of 20
kmol/h. The cyclohexane product purity is set at 99.5 mol% by varying Distillate rate
and x,,. .pc IS controlled by varying Reboilers duty. After the optimal design of the

first column at each value of x,,,,- is obtained by using a sequential iterative

optimization procedure, the optimization of the second column can easily be done at
each value of x,,, ., with the cyclohexene purity specifications set at 99.5 mol%.

The optimal design of this process is found at x,,, ., of 0.06 mol%, which can be

seen from Figure 2A. The optimal design variables of this coupled structure are
shown in Table 1.

Table 1 Optimal design variables of the coupled process

Column configuration C1 C2
Total number of trays 20 23
Number of trays in rectifying section 0 6
Number of trays in reactive section 19 17
Number of trays in stripping section 1 0
Water feed tray 2

The mixtures feed tray 19

The feed tray of C2 23

2.2.2 The proposed RDWDC-TRS

The RDWDC-TRS (Figure 1B) is designed for reinforcement of the coupled structure
by merging the two reactive distillation columns into one. The
cyclohexene/cyclohexane mixtures and water is fed into the left section of the
RDWDC-TRS. The left-top vapor (almost water-cyclohexane azeotrope) of the
column after cooling down to 40 C directly goes into a decanter. The aqueous phase
of the decanter is completely recycled back to the column while the organic phase
partially recycled back to the column. The right-top vapor (nearly water- cyclohexene
azeotrope), after condensation, is partially refluxed back to this column. The
overhead product is fed into a decanter operating at 40 ‘C with the organic phase
partially recycled back to the column and the aqueous phase completely introduced
into the left section.

Although the separation mechanism of the proposed flowsheet is the same with that
of the coupled process, its design variables are changed. Its design variables include:
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number of trays in the non-dividing section; number of trays in the dividing section;
location of the two reactive sections relative to the bottom of the dividing section;
number of trays in the two reactive sections; location of the feeds. Moreover, the
cyclohexane composition ( x,,. zpuc ) Of the bottom in the left-dividing section is

selected as the main variable to get the minimum TAC, and the optimal design is
attained (as shown in Figure 2B). Notice that operating pressure, the feed rates and
the two product purities are equal to these of the coupled process. And the vapor-
liquid-liquid equilibrium is also allowed in each tray. The two product specifications
are set by varying the product flow rate of the top and the reflux ratio of the right-
dividing section, respectively. x,,, .., is designed by varying the vapor flow rate of

entering into the left-dividing section. The optimal design variables are shown in

Table 2.
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Figure 1 The design flowsheet of the coupled process (A) and RDWDC-TRS (B).
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Figure 2 Effects of x,,, ., (A)and x,,. xpye (B) on the TAC.

Table 2 Optimal design variables of the RDWDC-TRS.

Column Configuration Optimum Column Configuration Optimum
Total number of trays 23 Xnerowe (x10™* moI%) 4.837
Number of trays in non- Number of trays in left-reactive

dividing section 1 section 20
Number of trays in Number of trays in right-reactive

dividing section 22 section 17

Location of the water Location of the left-reactive
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feed 2 section 2-21
Location of the mixtures Location of the right-reactive
feed 19 section 6-22

2.2.3 Comparison of the two optimal structures
It is obvious that x,,, .., is less than x,, ., when the optimal designs of the two

structures are achieved. This is because of the wider high temperature section of left-
area of the RDWDC-TRS than that of C1 (as can be seen in Figure 3) due to the
effect of thermal coupling, which results in that its high cyclohexanol composition
section is also bigger (shown in Figure 4), and because of the fact that the number of
trays in the left-section of RDWDC-TRS is larger than that of C1. The information of
TAC for two optimal structures is listed in Table 3, and the total quantity of catalyst of
the RDWDC-TRS is set to be the same with that of the coupled process.

Table 3 Details of the TAC for the two optimal designs.

Configuration ($1000/year) Coupled structure RDWDC-TRS
Total capital cost 1051.94 894.57
Total operating cost 2202.41 2203.56
Total annual cost (TAC) 3254.35 3098.13

It can be observed that only the capital cost of the RDWDC-TRS attains a reduction
by 14.96% due to the decrease of the heat exchangers and the integration of two
columns into one. However, the operating cost is almost unchanged as compared
with that of the coupled structure because of the almost same Reboilers duty which
can be detected from the nearly same bottom vapor flow rates (513 kmol/h and 1640
kmol/h for RDWDC-TRS, 526 kmol/h and 1617 kmol/h for the coupled process).
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Figure 3 Temperature profiles of the first column (A1) and second column (A2) of the
optimal coupled process, the left section (B1) and right section (B2) of the optimal
proposed RDWDC-TRS.
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Figure 4 Liquid composition profiles of the first column (A1) and second column (A2)
of the optimal coupled process, the left section (B1) and right section (B2) of the
optimal proposed RDWDC-TRS.

3. Conclusions

In this paper, an innovative reactive dividing-wall distillation column with two reactive
sections (RDWDC-TRS) is reported to separate the cyclohexene/cyclohexane
mixtures. This new structure is an attempt of intensifying a coupled process
consisting of two reactive distillation columns with the aim to reduce its capital
investment and operating cost. The simulations of the RDWDC-TRS and the coupled
structure are carried out in order to identify the optimal designs and operating
parameters via minimizing the total annual cost (TAC), respectively.

The results show that using the proposed RDWDC-TRS, almost complete separation
of cyclohexene and cyclohexane can be achieved. Compared with the coupled
scheme, the RDWDC-TRS including only one column reduces the TAC by 4.80%
and the capital investment by 14.96% with a nearly unaltered operating cost.
Therefore, not only can the firstly presented RDWDC-TRS be provided with the
beneficial performance of separating the cyclohexene/cyclohexane mixtures, but it is
also equipped with relatively favorable superiority of capital saving and space-saving.
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Abstract

Results are presented of total reflux distillation experiments carried
out with Montz-Pak B1-350MN in a 1.22 m internal diameter column
at Fractionation Research Inc. using two tests systems at two
operating pressures, i.e. cyclohexane/n-heptane, at 0.31 and 1.62
bar, and paraxylene/orthoxylene at 0.1 and 1 bar, respectively. In all
cases an impressive packing efficiency was achieved, ranging from
five stages- at low to four stages per unit bed height at high vapour
loads (F-factor). Comparison with data obtained earlier with B1-
250MN under similar conditions indicates a relatively higher
maximum useful capacity of B1-350MN, while the relative efficiency
and pressure drop are close to the ratio of installed specific
geometric areas. The Delft model captures observed packing
geometry related effects quite well qualitatively. Quantitatively, the
efficiency and pressure drop predictions are on the safe side.

Keywords
Distillation, Packed columns, Structured packings, High performance
packings

1. Introduction

Prototypes of Montz high performance corrugated sheet structured packings (B1-MN
series) with specific geometric area of 250, 350 and 500 m?/m® have undergone total
reflux distillation tests in a 0.59 m internal diameter column at Bayer Technology
Services (BTS) in Leverkusen, Germany, using chlorobenzene/ethylbenzene
(CB/EB) as test system at 0.1 bar [1]. All packings performed accordingly, and
thereupon decision was made to start with manufacturing and delivery of these highly
efficient packings. Since then, these packings have found numerous applications and
have proven to be a cost-effective choice in both new designs and retrofits.
Regarding their favourable performance characteristics, an industrial scale
confirmation came recently, from a series of total reflux distillation tests performed in
2011 with B1-250MN at Fractionation Research Inc. (FRI), using 1.22 m internal
diameter column in conjunction with standard tests systems cyclohexane/n-heptane
at 0.31 and 1.62 bar, and paraxylene/orthoxylene at 0.1 bar [2]. Even more, the
obtained efficiencies appeared to be highest one measured so far with a 250 m?/m?®
packing in a FRI test. Such a result has impressed and motivated FRI membership to
choose B1-350MN for a category 1 test in 2012. This paper provides a summarised
overview of, again, impressive results obtained during the tests with this intermediate
area structured packing.
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Interesting to mention here is that efficiency curves for B1-250MN measured at BTS
and FRI overlapped each other, i.e. this packing with two close boiling systems
exhibited same efficiency and same maximum useful capacity [2]. However the
difference in measured pressure drop was rather large, well above that that could be
attributed to the difference in column diameters employed in these tests. So, a
question was raised whether B1-350MN will behave similarly in this respect.

As it will be shown later, the Delft model, which accounts for corrugation geometry
features (short smooth bend at the bottom of corrugations and a corrugation
inclination angle below 45°) of B1-MN series packings, appeared to be capable of
reproducing observed trends and approaching measured efficiencies and pressure
drop from the safe side.

2. Experimental section

Total reflux distillation tests with Montz-Pak B1-350MN have been conducted in 2012
using facilities available at Fractionation Research Inc. (FRI) in Stillwater, OK, USA.
Detailed description of experimental set-up and procedure can be found in a paper
describing similar tests carried out in 2011 with Montz-Pak B1-250MN [2]. A
difference was that in addition to tests performed with cyclohexane/n-heptane
(C6/C7) system at 0.31 and 1.62 bar, and paraxylene/orthoxylene (px/ox) at 0.1 bar
also a test has been performed with the latter at 1 bar.

The specific geometric area of the B1-350MN packing is around 350 m%m?. Figure 1
shows a photograph of a side segment of B1-350MN packing on a layer assembled
of four segments of this packing, illustrating the build-up of a packed bed with
subsequent layers rotated to each other by 90°. To avoid achieving too high purities
of overheads the total bed height was limited to 2.6 m, while in the case of Bl-
250MN it was 3 m.

Figure 2 shows a photograph of the high turndown, narrow trough Type-R Montz
liquid distributor (143 pour or drip points per m? cross sectional area) with integrated
predistributor, used in this as well as in a previous test with Montz-Pak B1-250MN [2].

Figure 1 Layout of a layer of B1-350MN with a Figure 2 High turndown narrow trough

segment indicating corrugated sheet design Type-R Montz liquid distributor.
(Courtesy of Dr. S. Chambers of FRI). (Courtesy of Dr. S. Chambers of FRI).

Another difference with respect to earlier tests was that condensers of high- and low-
pressure installations were coupled in parallel (a necessary arrangement during a
preceding summer time test). This resulted in case of px/ox at 1 bar in excessive
subcooling of reflux, which however has not influenced the results of the test.
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Final results of a total reflux distillation test are measured packing efficiency, i.e. the
number of equilibrium stages or theoretical plates per unit bed height or depth, which
is in the present study expressed as the height equivalent to a theoretical plate,
HETP (m), and the pressure drop per unit height, dp/dz (mbar/m), both shown here
as a function of the vapour load (F-factor).

One should note that FRI in their reports and publications usually expresses HETP
and dp/dz as a function of the vapour capacity factor, cg (m/s), which is related to F-
factor via following relation: cc = Fe/(oL-0c)°, where Fg (m/s(kg/m®)°° = Pa®®) is F-
factor or the vapour load, and p. (kg/m® and pg (kg/m®) are liquid and vapour
densities. One should keep in mind that in a total reflux distillation test the liquid load
increases proportionally to the vapour load. Unlike all other properties and
parameters, which are based on an average of top and bottom of the bed values, the
F-factor corresponds to the bottom of the bed conditions. All data were taken twice at
a time interval, and the F-factor, HETP and dp/dz values shown in this paper are
arithmetic averages of two, mainly nearly identical values (except at vapour loads
close to the flooding point).

3. Results and discussion

Measured efficiencies and pressure drops for px/ox system, at 0.1 and 1 bar, and
C6/C7 system, at 0.31 and 1.62 bar, are shown in Figures 3 and 4, respectively, as a
function of F-factor.
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Figure 3 Measured efficiency and pressure Figure 4 Measured efficiency and pressure
drop as a function of vapour load for px/ox drop as a function of vapour load for C6/C7
system at 0.1 and 1.0 bar. system at 0.31 and 1.62 bar.

Interestingly, in both cases the efficiency is not affected by operating pressure and
the efficiencies obtained with px/ox system are similar to those obtained with C6/C7
system. Also in both cases the best efficiencies are obtained at low end of the F-
factor, but, as shown later, the slope of efficiency curve is less pronounced than in
the case of B1-250MN packing. The fact that in all cases more than four theoretical
plates per unit bed height were realized over the whole range of vapour loads
indicates a rather high efficiency of this packing. Sudden departure of efficiency at F-
factors close to flooding point indicates the maximum useful or efficient capacity for
given system and pressure. The flooding limit shifts with increasing pressure to lower
vapour load, depending on the system. One should note that in case of px/ox system
the ratio of two operating pressures is 10, while for C6/C7 system it is about 5. Since
vapour density is strongly affected by a change in pressure, the specific liquid loads
change accordingly.
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Table 1 shows for two systems at given pressures the specific liquid loads
corresponding to given values of the F-factor. The specific liquid load for px/ox
system is factor 3.1 larger at 1 than at 0.1 bar, while in the case of C6/C7 it is factor
2.1 larger at 1.62 than at 0.31 bar. The fact that highest efficiencies were obtained at
lowest vapour load confirms that both, the packing tested and the liquid distributor
used in this study perform exceptionally well at very low specific liquid loads
(distributor minimum design specific liquid load is 2.65 m*/m?h).

0.4 16
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F-factor px/ox px/ox C6/IC7 | C6ICT ~o- HETP, priox b
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Table 1 Specific liquid loads corresponding Figure 5 Comparison of performances of B1-
to given F-factors for test sytems and 350MN measured at 0.1 bar with px/ox system
pressures employed in this study. at FRI and with CB/EB system at BTS.

Figure 5 shows a comparison between efficiency and pressure drop measured at FRI
and at BTS (internal column diameter = 0.59 m) with two different close boiling test
systems. Similar to the previous test with B1-250MN [2], measured efficiencies agree
very well, however in FRI test the maximum (useful) efficient capacity seems to be
somewhat lower than that measured at BTS. On the other hand, the pressure drop
measured at BTS is somewhat larger, but this discrepancy is not as pronounced as it
was found in case of B1-250MN [2]. Exception are vapour loads close to flood limit,
where FRI pressure drop curve crosses that of the BTS test and the point of sudden
increase in pressure drop coincides with the point of sudden departure in efficiency.
In BTS tests, with both, B1-250MN and B1-350MN, the transition from the point of
maximum useful (efficient) capacity to flooding is not so pronounced.

Figure 6, 7 and 8 show a comparison of

efficiencies and pressure drops of Bl- | px/ox, 0.1 bar | f
350MN and B1-250MN measured with . |, E
px/ox system at 0.1 bar, and C6/C7 = g
system at 0.31 and 1.62 bar, respectively. P
The B1-250MN was not tested at 1 bar. & | . FAR IR
The specific geometric area of B1-350MN -HETP, BL-250MN C S §
is 1.4 times larger than that of B1-250MN.  °' || ~are symom | ,/'/: ‘9
If we take an F-factor of 2 m/s(kg/m>)®° as o e *
reference point, then it appears that in % ; - 5 s W’
case of px/ox system the efficiency ratio is F-factor [m/s(kg/m’)°5]

nearly equal to that of installed areas, Figure 6 B1-350MN vs. B1-250MN

while in the case of C6/C7 system, at both (px/ox at 0.1 bar).

pressures it is somewhat larger, indicating

in latter case a better utilisation of installed area. For px/ox system B1-350MN
generates more pressure drop than expected, while relatively less pressure drop is
experienced with C6/C7 system at 0.31 bar and, more pronouncedly, at 1.62 bar.
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The pressure drop per theoretical plate is at chosen reference point very low,
depending on the distance to flood point. It is below 0.5 mbar/theoretical plate for two
test systems under vacuum, with vapour loads between 50 and 70 % of the flood. It
iIs somewhat larger for C6/C7 at 1.62 bar, i.e. 0.56 for B1-350 and 0.67
mbar/theoretical plate for B1-250MN, at vapour loads of 89 % and 83 % of the flood,
respectively. Most distinctive difference in behaviour of this two well performing
packings is observed within the loading region, where the efficiency of B1-250MN
packing tends to stabilize and even improve close to flooding point, while that of B1-
350MN shows a gradually increasing trend (px/ox) or remains stable (C6/C7) until
flooding point.
From Figures 7 and 8, it can be seen that the capacity of B1-350MN approaches
closely that of B1-250MN (less than 10% difference at both pressures) while in case

of the px/ox system (Figure 6) the difference is nearly 12 %.
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Figure 7 B1-350MN vs. B1-250MN
(C6/C7 at 0.31 bar).

Figures 7 and 8 show clearly that with decreasing vapour load the efficiency of B1-
250MN tends to improve at faster pace than that of B1-350MN. Although this cannot
be stated for px/ox system, similar, even more pronounced relative improvement in
efficiency has been observed at the same pressure (0.1 bar) with CB/EB system [1].
Figures 9 and 10 show a comparison of measured efficiencies and pressure drops
(larger symbols) and those estimated (smaller symbols) for the same conditions
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Figure 9 Predicted vs. measured
(px/ox at 0.1 and 1.0 bar.

Figure 10 Predicted vs. measured
(C6/C7 at 0.31 bar and 1.62 bar).

using modified Delft Model [1]. One should note that this model accounts for
corrugation geometry features as encountered in B1-MN series of packings and does
not require any adjustable empirical parameter. The physical properties for px/ox at 1
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bar are shown in Table 2, while those for px/ox system at 0.1 bar and C6/C7 at 0.31
and 1.62 bar can be found elsewhere [2]. Estimated

g 140 HETP values are consistently larger, and closer in fact to
Liauid composition (-) 0.51 those considered safe for design purposes than to
t:j"“’“‘fﬁ"“’]’ = . measured ones. Interestingly, in case of C6/C7 there is
R cs7x10- N0 pressure effect, while in case of px/ox system the
R 31 model predicts higher efficiency for 1 bar than for 0.1
MeREstl e ) o1x10% har. This could be attributed to an increased effective
Vapour diffusivity (m/s2) 7.6 x10¢ . . e . .

R i interfacial area due to a factor three larger specific liquid
Surface tension (N/m) 0.017 loads. On pressure drop side, for both systems and test
Relative volatility (-) 165 pressures the predictions agree well with measurement
z:'fh:"dl'd‘[’m‘)mm e in preloading range, while a pronounced over-prediction
at F-factor =2 Pa0* is evident within the loading range. This is mainly due to

Table 2 Representative the fact that the predicted point of onset of loading is in
values of physical properties  all cases significantly lower than the observed one.
of px/ox system at 1 bar. Owing to its rather low pressure drop per stage proven in
many industrial applications, B1-350MN appears to be a
versatile and cost-effective packing, considered presently as first choice for design of
dividing wall columns.

4. Conclusions

In line with expectations based on performance of B1-250MN, B1-350MN also
performed very well in total reflux distillation tests conducted at FRI, using two well
established tests systems at two operating pressures. B1-350MN efficiencies
appeared to be unaffected by pressure and were in the range from five to four
theoretical plates per unit bed height/depth. Similar to previous tests with B1-250MN,
best efficiencies were obtained at low F-factors.

The efficiencies measured with px/ox system agree well with those measured at BTS
at the same pressure (0.1 bar), and the discrepancy in measured pressure drop is
less pronounced than in case of B1-250MN. The latter outperformed B1-350MN at
low F-factors, while, around the design point, the efficiency ratio was close to that of
installed specific surface areas.

Delft model captures observed effects quite well qualitatively. Quantitatively the
efficiency and pressure drop predictions as well as that of the point of onset of
loading are on the safe side. However, this is more pronounced than in case of B1-
250MN [2]. Since the trends are similar, only one adjustable parameter is needed to
ensure perfect match.
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The tool box for distillation column revamps focussed on capacity
and efficiency improvement
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Abstract

In this paper recent experimental results for HiFi™ Plus trays (tested
at FRI) are presented which were tested at tray spacings of 305 and
610 mm. These results are used to illustrate the capacity (and or
efficiency) gains that can be achieved by changing from a
conventional tray to a high capacity tray.

HiFi ‘3 bucket’ design for FRI testing.

Shell HiFi Trays are high capacity multidowncomer trays which were first developed
in Shell over 20 years ago. Since 2000 Sulzer Chemtech Ltd is the world-wide
licensee for Shell Global Solutions’ high capacity tray and phase separation
technology and the alliance also covers joint development of new or improved
technology. Also the HiFi tray has been improved since the alliance started which
has lead to the HiFi Plus tray as tested at FRI. The FRI high pressure test column
(D=1.22m) is relatively small for a multi downcomer tray such as the Shell HiFi Plus
tray. Typically for this scale the Shell design tools for HiFi trays would recommend a
single path HiFi tray for a tray spacing of 610mm (24inch). However, in order to
demonstrate that a multi downcomer tray can be applied on this small scale to
achieve high capacities while still giving good tray efficiencies despite the short flow-
path length, so-called ‘3-bucket’ HiFi trays (Figure 1) have been designed for testing
at FRI. In total 4 different designs were tested with the iC4/nC4 system.

Figure 1. ‘3-bucket’ HiFi"™ Plus configuration, for details see Table 1 below.

The data collected from these tests cover a wide range of physical properties (due to
testing at 11.4, 20.7 and 27.6 bara) and a wide range of flow rates, because total
reflux as well as circulation runs for L/V < 1 and L/V > 1 were conducted (where L
and V are representing Liquid and Vapour mass flows). Previously FRI has also
collected data for similar conditions using conventional tray layouts. A selection of
these results is used to assess the capacity gain that can be achieved by changing a
column equipped with conventional trays to a high capacity tray.

The overview in Table 1 shows that many items have been selected from the
distillation tray design ‘tool box’ focussed on capacity enhancements, for example:
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e Bubbling area is maximised by sloping and truncating the downcomers.

Small fixed directional valves (MVG). Note that alternative high capacity valves

such as the ‘UFM’ [1] were not available at the time the tests were conducted.

Anti splash baffle in the downcomer.
Bubbling area fully interconnected for a uniform froth distribution.

Very long weir length due to multi downcomer design to minimize froth expansion.
High open area to reduce downcomer back-up for the low tray spacing design.

Table 1. HiFi Plus details of the trays tested at FRI.

Tray la | Tray 1b Tray2a | Tray2b
Tray spacing (m) 0.61 0.305
Weir length (m) 2.74 2.02W 2.64 | 2.0
Weir height (mm) 50.8 76.2 50.8
Weir height short side (mm) 50.8 203.2 50.8 | 1524
Downcomer area (%) 24 20

Downcomer design

Truncated, sloped and with anti splash baffle

Perforations

MVG (fixed valves)

Open area (%column area) 11.5 10
Flow path length (mm) ~305 ~335
Test pressures (bara) 11.4,20.7,276 | 114 11.4,20.7,27.6 | 114

(1)

short sides of the downcomers (Figure 1).

‘Effective weir length’ reduction relative to Tray la is due to heightening of

That these choices have indeed led to very high capacities can be seen in Figure 2
below which contains the maximum capacities achieved with the HiFi Plus tray
combined with data which were selected for developing a system limit correlation [2].
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Figure 2. Comparison of maximum capacities achieved for different internals
combined with the system limit prediction [2].
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This comparison shows that the HiFi Plus tray capacities are always equal or higher
than the capacity achieved with the other internals with very high capacity. In fact all
HiFi Plus data points exceed the capacity predicted by the system limit correlation [2].
However, other devices also (partly) exceed the system limit line which suggest that
this correlation is somewhat under predicting the system limit for the iC4/nC4 system.
When focusing on the comparison with the 36” tray spacing conventional tray it
appears that the results are similar for 20.7 and 27.6 bara, while for the 11.4 bara
conditions the HiFi Plus tray (with just 24” tray spacing) gives significantly more
capacity at the lower liquid loads. For the HiFi Plus tray with lower tray spacing (305
mm, 12") comparisons have also been made to iC4/nC4 total reflux data for
conventional tray as tested at FRI (Figure 3).
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Figure 3. Capacity comparisons between 305 mm Tray spacing HiFi™ Plus and
conventional trays with 610 mm Tray spacing at 3 pressures for the iC4/nC4 system.
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Figure 4. Capacity comparisons between 305 mm Tray spacing HiFi'™ Plus and
conventional trays with 305 mm Tray spacing.
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These comparisons show that the capacity of the HiFi tray with 305 mm tray spacing
Is approximately equal to the capacity of a conventional tray with 610 mm tray
spacing, while it has about 50% more capacity than a conventional tray with same
tray spacing (Figure 4).

Efficiency results

The test results for the tray efficiencies of the HiFi Plus trays show (Figure 5) many

similarities with results previously found at FRI for conventional trays (with iC4/nC4

system). For example:

e The efficiency was not a strong function of pressure for the entire range of
pressure tested (11-27.6 bara).

e The tray spacing does not have much impact on tray efficiency.

Other findings were:

e The tray efficiency can still be above 100% for a tray design with a very short flow
path (=300 mm).

e ‘Blocking’ the short side of the downcomers (by raising the weir) increases the
efficiency by some 5% (Table 1: tray 2b relative to tray 2a design).

e ‘Blocking’ the short side of the downcomers and raising the weir height by 25 mm
(Figure 1) increases the efficiency by some 5-10% as shown in Figure 5.
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Figure 5. Efficiency (based on reflux & bottom samples) as a function of weir
modification, pressure and tray spacing (on the left 305 mm tray spacing data and on
the right 610 mm tray spacing data is shown). Note that the ‘photo’ shows a ‘single
path’ HiFi™ tray tested at Shell (referred to as ‘Shell’ data).

The changes to the weir were made to illustrate that there is a ‘tool box’ available to
tailor the performance of a tray depending on the requirements. For example if a
higher efficiency is required the flow path length and/or the weir height may be
increased. Typically such changes may lead to some capacity reduction. However for
the HiFi Plus tray it was seen that the capacity reduction due to the changes made
was very limited. By using the ‘Francis weir crest’ equation it is possible to make a
rough estimate of the clear liquid height increase due to the reduction in weir length
(see Table 1: tray 1a =1 b: 26% weir length reduction, 2a = 2b 24% weir length
reduction). This order of magnitude calculation shows that the clear liquid height
increase on the trays due to the weir length reduction is expected to be small
<10 mm (Figure 6) and hence it is also not surprising that the capacity reduction due
to these changes is also very small (but slightly increases towards higher liquid
loads).
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Figure 6. Capacity impact of weir extensions (for details see Table 1) combined with
‘crest over weir increase’ resulting from weir extensions based on Francis weir
correlation.

Efficiency improvement options for revamps

The results in this paper have shown that there are several options in the ‘tool box’ to
increase capacity when revamping a conventional tray by a high capacity tray such
as the HiFi Plus tray. In some column revamps [3] increasing capacity but not
efficiency will lead to utility constraints (e.g. reboiler/condenser). Then it can be very
beneficial to increase both capacity and efficiency. This can be achieved by replacing
conventional trays by high capacity trays while at the same time increasing the tray
count (e.g. by doing a 3 for 2 or 4 for 3 replacement). The results presented in this
paper were used to correlate the capacity of the HiFi Plus tray and a conventional
tray as a function of tray spacing in order to estimate the impact on capacity when
increasing the tray count to increase the number of stages.

Table 2. Calculated attainable capacity increase for revamping conventional trays
with a high capacity tray, while increasing tray count.

Tray replacement: 1:1 5:4 4:3 3:2 2:1
Tray Count Increase: 0% 25% 33% 50% 100%
Tray spacing (mm)™ Capacity increase®

600 32% 21% 18% 13% 0%

500 35% 23% 20% 15%

450 37% 26% 22% 17%

400 40% 28% 25%

350 44% Tray spacing < 300 mm®

300 47%

(1) Tray spacing of conventional tray (pre-revamp condition).
(2) Typically the tray spacing is not reduced < 300 mm in revamps with HiFi trays.
(3) Correlations used for this evaluation are shown below:
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Conclusions

Test results with the iC4/nC4 system covering a wide range of high pressures for
conventional trays and high capacity Shell HiFi Plus trays have been used to
estimate the typical capacity increase that can be achieved in revamping
conventional trays by a multi downcomer tray. The results show that for a 1 to 1 tray
replacement capacity increases in the order of 50% are possible at low tray spacing
(305mm), while at higher tray spacing the capacity increase is still substantial but
less (32% at 610 mm tray spacing). The data has also been used to show (and
quantify) that it is often possible to increase both capacity and efficiency by
increasing the number of trays installed (but at a lower tray spacing). Obviously the
numbers shown should not be considered as hard upper limits for capacity increases
in revamps where the existing column shell is to be retained as there are more
extreme solutions possible, for example the ConSep™ tray [3,4,5].
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Practical evaluation of efficiency measurement of structured

packings in alcohol-water system
Oleg Pajalic, Perstorp Group, 28480 Perstorp, Sweden

Abstract

To be able to design gas-liquid separation equipment, the efficiency of
separation units is necessary to collect. Packings efficiency is a critical
parameter because not only the equipment capital cost are limited but even
production cost can increase and plant capacity decrease in the case of poor
design. The efficiency depends on: packings geometry and type, relative
volatility, vapor and liquid load, physical properties (density, viscosity,
surface tension and diffusivity), water occurrence in the system, liquid
distribution and column diameter.

Several tests with Neopentyl glycol (NPG) — Water binary mixture have
been performed in two different pilot distillation columns filled with Sulzer
BX gauze stainless steel structured packing. For the efficiency calculations,
commercial software Chemcad has been used. In Chemcad, the theoretical
models used for HETP evaluation are: Bravo, Rocha and Fair and Billet and
Schultes. System NPG- Water is a non-ideal and UNIFAC has been chosen
in calculation of VLE and then compared with NRTL with modified binary
parameters. Reported deviations, in literature, in prediction of mass transfer
efficiency for HETP models used in this work are + 50% which could give
uncertainty in column up-scaling. In this work, NRTL parameters have been
modified in order to minimize predicted components concentrations at the
top and bottom of the column. A good consistency with experimental values
has been shown using Bravo, Rocha and Fair model. That approach has
been applied in an existing plant column filled by Sulzer MELLAPAK
250Y packings showing rather good predicted results in comparison with
collected samples for the given conditions. ody text — Arial 12 pt., left-
justified - margins: 4 cm

Keywords
Distillation, structured packings, mass transfer model, activity

1. Introduction

To design a distillation and absorption column is an issue in industrial applications.
Often, there is no experimental data for efficiency for a specific separation system.
Only available efficiency data are regarding’s ideal binary system measured under
total reflux conditions. Those data are not of big use especially in the specialty
chemicals business where most of the separation systems are non-ideal. There is
often no any experimental data available for Vapour-Liquid Equilibrium (VLE) for
such systems. Normal approach is to gather equilibrium data experimentally, but that
is either time demanding or laboratory resources and analyses competences are
missing. In this work are NRTL parameters adjusted in order to fit experimental data
gathered for efficiency calculation.

Experimental values of VLE of Water-NPG binary are missing. UNIFAC is used
initially to predict VLE. UNIFAC based model shows that NPG and water behave
quite ideally at low concentration and at the higher concentration NPG start to
behave non-ideally as it is shown on Figure 1.
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Water (1)/Neopentyl Glycol (2) at 1.01 bar
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Figure 1. Activity coefficients of NPG and water as predicted by UNIFAC

Chemcad has been used for NRTL parameters fitting and for efficiency calculations.
Two different mass transfer models are available for structured packing in Chemcad®;
-Bravo, Rocha and Fair* for structured packing
-Billet and Schultes? for random and structured packing
The Bravo, Rocha and Fair model is used in Chemcad.

2. Experimental

Two test sets with different column arrangements have been performed in order to
evaluate packing efficiency. For each experiment number of data is collected such
as: column total pressure, temperature, reflux and distillate flow, NPG mass fraction
at the top and bottom of the column.

The F-factor is calculated and is defined as the square root of the kinetic energy of

the vapour Uy v Av , Where u, is superficial the gas velocity and p is density.

Following specifications were specified: low pressure drop and reflux ratio due to
energy saving demand, high separation efficiency and low content of alcohol in
distillate, capacity and relatively high pressure in the system, 1 to 2,5 bar,
considering use of gauze packings.

In both column arrangements the distillation columns were filled with structured
packings type Sulzer BX. The first setup included the column with inner diameter of
0.07m and packings height 1 m and with no distributor. The tests were performed
batch-wise in both experimental setups. The pressure in the column was set on 2.5
bar. The experimental results are shown in Table 1.
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NPG

Nzﬁ;ar Liquid Load Reﬂ(L:;(;)IOW Distillate F-Factor Ga;oi;l;)w G;azlso\lzlet Bottom flow frac';‘snGinlet Water Reflux fraction frac’:‘izﬁ top
bottom

m*/mfh kg/h kag/h Pa™0,5 kg/h kg/h kg/h Weight %  Weight % Weight % Weight %
1 09 3,24 0 0,2 3,22 3,24 3,24 0,36 99,64 total 0,36 0,01
2 0,89 3,21 0 0,2 3,22 321 3,21 0,79 99,21 total 0,79 0,02
3 0,19 0,68 2,74 0,21 3,38 3,42 0,68 0,1 99,9 0,25 0,44 0,02
4 0,18 0,65 2,59 0,2 3,22 324 0,65 0,13 99,87 0,25 0,55 0,02
5 0,1 0,34 2,74 0,19 3,06 3,08 0,34 0,09 99,91 0,13 05 0,04
6 0,1 0,34 2,74 0,19 3,06 3,08 0,34 0,11 99,89 0,13 0,63 0,05
7 0,16 0,58 2,32 0,18 2,82 2,9 0,58 0,23 99,77 0,25 1 0,04
8 0,16 0,58 2,32 0,18 2,82 2,9 0,58 0,28 99,72 0,25 1,21 0,04
9 0,16 0,58 2,31 0,18 2,82 2,88 0,58 0,33 99,67 0,25 1,51 0,04
10 0,16 0,58 2,31 0,18 2,82 2,88 0,58 0,4 99,6 0,25 1,83 0,04
11 0,1 0,36 2,88 0,2 3,22 3,24 0,36 0,26 99,74 0,13 1,57 0,1

Table 1. Distillation set-up 1 with 0.07 m column diameter

Second test was performed in a bigger column 0.5 m in diameter with 2 beds of 2 m
each with possibilities to choose either one or both beds in the distillation tests. The
pressure in the column was set on 1 bar. The experimental results are shown in
Table 2.

NEO

. Reflux flow - Gas Flow Gas Inlet . NEO . y NEO
Liquid Load Distillate F-Factor Bottom flow Reflux Ratio L Watten Halt Height fraction ¥
Number (top) (top) Flow fraction inlet fraction top
bottom

m*/nth kg/h kg/h Pa”0,5 kg/h kg/h kg/h % % m % %

12 0,16 30,1 120,41 0,28 150,82 150,51 30,1 0,25 9,47 90,53 2 47,37 0
13 0,09 16,56 132,45 0,28 149,21 149,01 16,56 0,13 5,38 94,62 2 48,16 0,03
14 0,07 13,92 139,22 0,28 152,44 153,15 13,93 0,1 4,47 95,53 2 48,53 0,06
15 0,09 16,56 132,45 0,28 150,82 149,01 16,56 0,13 5,35 94,65 4 48,09 0,01
16 0,07 12,51 125,11 0,27 142,74 137,63 12,52 0,1 4,39 95,61 4 47,94 0,03

Table 2. Distillation set-up 2 with 0.5 m column diameter

All measurement has been performed at very low liquid load and F-factor in order to
resemble to the plant data. Pressure drop has not been measured but is assumed to
be very low because of low gas load and relatively high pressure.

3. Results and discussion

Simulations were first carried out using the experimental results collected from two
different pilot setups. The aim of the simulations was to fit the experimental data to
mass transfer model by varying the binary interaction parameters used in NRTL
activity coefficient model. First test set was performed at low inlet Neo fractions and
is used to predict the behaviour of the NPG-Water solution for low NPG
concentration while the second test is used for predicting VLE for high concentrations
of Neo in the inlet flow of gas.

The NRTL BIPs are adjusted accordingly. Adjusted Activity coefficients are shown in
the Figure 2.
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Water (1)/Neopentyl Glycol (2) at 1.01 bar
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Figure 2. Activity coefficients of NPG and water as predicted by NRTL

BIPs for low NPG mass fractions, which are derived from first test setup, are:
Bij=1907, Bji=-600 ( i=1. j=2), @ =0,28, and the BIPs obtained in the second test
setup are the following: Bij =1907, Bji =-622, ¢ =0,31.

Simulation results show good consistency with experimental results after fittings of
the NRTL parameters as shown in Figure 3 and 4. HETP values is calculated from
first setup 0.085 m for concentration range of 0.01 to 1.5 mass % of NPG and 0.21 m
for concentration range of 0.01 to 49 mass % of NPG from second setup.
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Figure 3. Neo mass fractions at the top and bottom of the column in first test setup
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Figure 4. Neo mass fractions at the top and bottom of the column in second test
setup

The method is further verified in production plant column. Plant column with 1.6 m in
diameter was filled with 7m Mellapak 250Y packing and has. Using the BIPs sets
derived from the experiments above, a comparison of experimental and calculated
NEO mass fractions was made. The result is shown in Table 3.

Experimental -Plant

data 2 BIPs set: Pilot second set-up BIP

at the bottom — first set-up BIP at

top
NPG bottom NPG top NPG bottom NPG top HETP
% % % % m
39,53 0,158 39,31 0,19 0,7

Table 3. Plant column results text — Arial 12 pt., left- justified- margins: 2,5 cm

3. Conclusions (Subheading — Arial 12 pt. bold, left-aligned)
The method applied in this paper is based on two steps: first step is to fit NRTL BIPs

and the second one is to calculate mass transfer model using Bravo, Rocha and Fair
method. Calculation is done in Chemcad. This procedure has been applied on non-
ideal system of Neopentyl Glycol-Water. The experimental data for fittings of BIPs
parameters has been collected from two different column arrangements: 0.07 m
column and 0.5 m diameter column filled with Sulzer BX packings. The method has
been verified on production plant column filled with 250 MELLAPAK Sulzer packings

showing good simulations prediction.
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Abstract

Design of pilot plant experiments, data evaluation, model validation
and adjustment are essential tasks in developing chemical
processes. These tasks are often not well supported by the working
environment of process engineers, which is usually focused on the
process simulations and pilot plant experiments. Therefore, in the
present work, an integrated framework was developed which
provides an interactive tool for model-based design of pilot plant
experiments, evaluation of the pilot plant data and their use for
improving the model.

One central feature of that framework is sensitivity analysis based on
steady state process simulations. The goal of sensitivity analysis is to
identify the impact of input parameters on the simulation model. It is
also used for quantifying the impact of uncertainties in input
parameters on the output. The input parameter space is typically
large and contains parameters of different types, like state variables,
parameters of fluid property models or stage numbers. Suitable
measures for the sensitivity have to be defined and efficient
algorithms are needed for the simulation-based sensitivity analysis in
that large parameter space, in which a brute force enumeration is
prohibitive, not only because it is tedious but also as it would drown
the design engineer in a flood of information. Further challenges
arise from the fact that results of the analysis depend on the
operating point and hence not only one point but an operating
window has to be covered. The results of the sensitivity analysis
need to be visualized interactively and will support the process
designer in the tasks of model adjustment, design of experiments
and optimization.

These issues are addressed and solved in the interactive process
design tool INES (INterface between Experiment and Simulation)
which was developed in the present work. Examples are discussed
which illustrate its application in distillation process design based on
pilot plant experiments.

Keywords
Sensitivity analysis, model adjustment, data validation, design of
experiments, uncertainties.
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1. Introduction

Process development is usually based on experiments which often include the
operation of the process or at least the essential parts of it, in a pilot- or miniplant.
Process models are generated to describe and to optimize the concept. Distillation
processes are usually modeled based on the equilibrium stage concept using
detailed thermodynamic models. These models contain a large number of
parameters which are either estimated or adjusted to experimental data by
minimizing a distance measure between the model results and the data. Examples
are the parameters of the thermodynamic model, the tray efficiency or HETP,
respectively, but also prices which are used in cost functions.

We focus on continuous distillation here, which is ideally in steady state.

The cycle of data evaluation, model adjustment and use of the adjusted model to find
optimal operating conditions, where new data are recorded, is in practice often only
poorly supported and still requires a lot of handwork by the process engineers. Thus,
data are recorded but not systematically analyzed, models are not optimally adjusted
to the process under consideration and, as a result, optimization potential is not fully
exploited in the process development. In this contribution, we present the framework
INES (INterface between Experiment and Simulation) which offers an integrated
solution for the data evaluation and selection process, the model adjustment and the
optimization including optimal experimental design (OED) within one software
environment. Special emphasis is given here to the sensitivity analysis, which plays a
key role for identifying optimal experimental designs, choosing the most influential
parameters for the optimization and for quantifying the impact of uncertainties in the
model parameters on output functions.

2. Framework description

The INES framework supports the three essential steps in data-supported model-
based process design, see Figure 1:

e Data validation: Data can be imported via different interfaces and their
reliability can be assessed using different assistance functions.

¢ Model adjustment: Model parameters can be adjusted to data taken at various
operation conditions.

e Model sensitivity analysis and OED: A sensitivity analysis to measure the
impact of changes in model parameters on output functions can be performed
for various operating points. This leads to the identification of optimal
experimental designs as well as the choice of promising parameters for further
optimization /Bortz et al. 2013/.

One of the essential features of INES is the use of interactive decision support
functions which help the engineer to arrive at solutions that have the highest practical
relevance under the given conditions. In the following, we will comment on the three
aspects mentioned above.
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Figure 1: Cycle of data selection, model adjustment and sensitivity analysis with OED supported within
the INES framework.

2.1 Data selection

In modern chemical plants a lot of experimental data is available which is impossible
to analyze comprehensively - often not only confusing in terms of the number of the
data but also in terms of the scattering. Random and gross errors, changing trends
and fluctuations make it difficult to use the data directly for the adjustment of process
models. Therefore in a first step a systematic procedure for data selection and
evaluation is necessary. This needs a reliable identification of the change points
which separate time-stationary intervals. The data are readout from process
information management systems (PIMS) using for example IP 21 (Aspen) or PI
(OSilsoft) for production plants. For experiments in lab or miniplant scale or analytical
measurements still sometimes Excel is used for data storage. So, the tool provided
for data selection offers an interface to these different software systems.

The analysis of different time series is facilitated by visualizing operation data in plots
of measured data vs. time. Interesting periods can be selected and are subsequently
analyzed to identify stationary time intervals. Different segmentation algorithms taken
from literature e.g. /Fukuda et al. 2004/ are implemented and may be chosen. To
simplify the selection procedure, an interactive scaling of the data to remove outliers
is offered. For different selected periods averaged data and the variance of mean are
calculated and interactive stationary tests can be performed. Usually, different sets of
data are available for the period of interest. The subset of this data that is used of the
stationarity analysis is selected by the user. The remaining sets are not used in the
analysis, but an indication of stationarity level is given. Averaged data and their
standard deviation are used for further calculations.

In the following step, the experimental data can be reconciled. For that reconciliation,
a model is needed that correlates the data from the different types of measurements.
Only the most simple correlations are taken into account in the present approach,
namely overall and component mass balances and the summation equation for the
mass fractions. Furthermore, chemical reactions may occur so that stoichiometric
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constraints have to be accounted for. The procedure has to be able to handle cases
in which the full set of possible chemical reactions is not known. For balancing, also
the connectivity of the different streams has to be known. That information is taken
from the flowsheet. Furthermore, mass balances refer to certain control volumes, and
there are always different options to choose their boundaries, so that a selection is
needed. In the present work CHEMASIM, the flowsheet simulator by BASF is used.
The topology of the flowsheet is taken from CHEMASIM.

This data reconciliation is implemented such that it is possible to choose control
volumes in order to obtain information about redundancy and (non-) observability of
unmeasured streams by graph-theoretical concepts /Narasimhan 1999/. Reconciled
data may be gained for example by minimizing the weighed sum-of-squares
residuals between measured and calculated values /Manenti et al 2011/. The result
of the data reconciliation, combined with statistical tests, allows obtaining information
on the reliability of measured quantities, i.e. it helps to detect erroneous
measurements or leakage streams.

2.2 Model adjustment

A flowsheet simulation model contains usually several types of input parameters:
physicochemical properties like activity coefficients or NRTL parameters, reaction
parameters like equilibrium constants or rate constants, process operating
parameters like pressures and temperatures, design parameters like the feed heights
or number of theoretical stages. Additionally there are output parameters like flow
rates, concentrations, cost or energy consumption. The sensitivity analysis of the
different adjustable parameters is an essential procedure when working with process
models. It supports the identification of the essential parameters for an adjustment of
the model to different operating points previously chosen by use of the data selection
framework as will be described in the following.

2.3 Sensitivity analysis and optimal experimental design (OED)

The goal of sensitivity analysis is to identify the impact of input parameters on the
output of the model. In the case of model validation uncertainties of physico-
chemical, reaction or process parameters have to be analyzed. Uncertainties are
quantified as uncertainties of directly measurable experimental data, and not as
uncertainties in model parameters. l.e. for a pure component vapor pressure, not the
uncertainties of the parameters of an Antoine equation are given but rather the
uncertainty of the vapor pressure itself. The resulting confidence intervals are
visualized as well as the parameters on sliders which make it possible to navigate in
the corresponding model space. This enables an interactive investigation of the input
and output parameters and helps finding the most important parameters for model
adjustment. It also helps answering the question where uncertainties have to be
reduced, see Figure 2.

OED aims for obtaining a reliable process simulation by adjusting uncertain
parameters to a limited number of experiments. These experiments shall be
conducted such that the measured quantity is as sensitive as possible to the
parameters to be adjusted. In literature (see, for example, /Franceschini 2008/,
different measures for local sensitivity have been proposed in the context of OED.
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Unfortunately, it is by no means clear which is the most suitable of these measures.
Furthermore, in practice, it turns out that OED is not a single-objective, but rather a
multicriteria optimization problem: For example, a laboratory reactor is supposed to
be operated to obtain a certain yield corresponding to that of the industrial process,
but at the same time to be highly sensitive in order to determine reaction constants

accurately in an experiment. Both objectives are usually contradictory.
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Figure 2: Screenshot of software prototype to perform an interactive sensitivity analysis. Each
precomputed operating point with its operating parameters and output function values corresponds to
one tick on the sliders i) and ii). The bars iv) are an estimate of how a change in each of the uncertain
parameters in the range indicated by the sliders iii)) affects the value of each output function. By
navigating on the precomputed solutions, the user can compare these both with respect to the output
function values and to the uncertainty measures.

Since optimizing local uncertainty measures as one of the objectives in OED is
numerically unstable and of limited practical use, in INES we pursue a different
strategy. Operating points from a promising region of operating parameters are
enumerated. For each of these operating points, different sensitivity measures are
calculated. Then, the trade-off between the objectives and the sensitivities can be
explored interactively by the user as shown in Figure 2. The sensitivities can be
measured both locally and globally: Local sensitivity matrices can be determined as
well as averaged differential quotients stemming from a fractional factorial design and
variance-based indices /Saltelli 2008/. The variance-based indices are obtained by
using Sobol-sequences to sample the space of the uncertain parameters, which
makes it easy for the user to obtain higher-precision values by adding further points.

The computationally relatively cheap averaged differential quotients based on an
adequate fractional factorial design serves as a first guideline to the user which are
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the most influential quantities. In a second step, a more refined analysis for these
guantities can be undertaken by calculating the variance-based indices to obtain full
quantitative insight into how the output functions are affected.

3. Conclusions

In process development, experimental investigations and simulation model
development are often executed in parallel. Only the connection between both
methods leads to a deeper understanding of the process which then speeds-up and
enhances the process development. This is achieved by the interactive process
design tool INES which is developed in this project and supports interfacing
experimental studies with modeling and simulation. The focus of INES on the
experimental side is in miniplant experiments, but also various types of
accompanying experiments like measurements of physico-chemical data are
supported in a consistent way. On the simulation side, the focus is on steady state
process simulation. Different methods for data reconciliation, sensitivity analysis and
optimal experimental design are supported and combined for that purpose. Typical
applications include the development of distillation and absorption processes. The
INES framework is incorporated in the process design toolbox ProcessNet of BASF.
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Abstract

The reliable calculation of azeotropes and pinch points are essential
requirements in synthesis and conceptual design of distillation
processes. It is complicated by the strong nonlinearity stemming from
thermodynamic equilibrium relations, the a-priori unknown number of
solutions, and the necessary consideration of potential phase
splitting. To overcome the high computational effort of reliable
(global) algorithms, efficient continuation methods have been
proposed for azeotrope and pinch calculation. However, they utilize
different formulations. In this paper we show by means of an
equivalency between certain pinch branches and univolatility curves,
that continuation applied to the pinch equation system with an
integrated phase stability test provides a unifying means for
azeotrope and pinch point calculation in homogeneous and
heterogeneous mixtures.

Keywords
azeotropes, pinch points, univolatility curves

1. Introduction

The calculation of azeotropes is an essential step for topological synthesis methods,
as well as shortcut methods, which require the definition of feasible product
compositions. However, this task is especially challenging, as it requires the
calculation of all solutions of a strongly nonlinear set of algebraic equations. In case
of heterogeneous mixtures, phase stability needs also to be accounted for.
Consequently, a tremendous effort has been directed towards the development of
reliable algorithms for the calculation of azeotropes. Global optimization guarantees
the detection of all azeotropes in homogeneous [1] and heterogeneous mixtures [2],
but is computationally expensive, especially for mixtures with a large number of
components. The same applies for methods based on interval analysis [3]. Beside
continuation methods, based on a homotopy from the ideal to the non-ideal
equilibrium relationship, have been suggested as an efficient means to determine all
azeotropes in homogeneous [4] and heterogeneous mixtures [5]-[7].

Continuation is also used for the determination of pinch points, another important
task in conceptual design of distillation-based processes. Pinch points are fixed
points of the equation system describing the composition profile in a column section.
These are of special importance for the determination of feasible products and
minimum energy demand calculations (e.g. [8]-[10]). Pinch branches, i.e. the locus of
all pinch points for varying reflux ratios, can be calculated based on a continuation
starting from pure components and azeotropes. Recently, Felbab [10] proposed a
variant of such an algorithm for homogeneous mixtures and suggested to use the
same continuation algorithm to determine the location of azeotropes. However,
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Felbab [10] did not work out the promising idea. In this paper, we first introduce a
continuation approach for the pinch equation system, which includes a phase stability
test to detect changes in the number of valid phases and is therefore applicable to
homogeneous and heterogeneous mixtures. We further motivate and demonstrate
the calculation of azeotropes by the same continuation approach using an
equivalence of the solutions of the pinch equation system for pure component
products and univolatility curves, which comprise all points with equal K-values.

2. Calculation of pinch branches by means of continuation
The continuation approach is based on a discrete model describing the tray-by-tray
profile in a general column section (cf. Figure 1).

Rectifying LV Stripping
section N, z, hy Lx,h"  V,y%h section
Qb j l I L \
D.Xp S | : _______ i
|
| | l
| | B.X
Ly Av ! Pl | 78
|
: L : Qs
N =D : | : | N =B
z =% | Lo : Z =%
hn = ho — Qo/N | — ! ' | h = hg — Qg/N
v =VIN ~—% ————— ?—— m-—— - #———— v =-VIN
| =-L/N L x, ht V, y*, hY N, z, hy | =L/N

Figure 1: General column section and relation to rectifying and stripping section

The pinch equation system consists of mass and energy balances, summation
constraints and equilibrium conditions:

O=v-y/—=l-x;—2z ,i=1,..,ng (1)

0=v-h(y*T,p)—1-ht(x,T,p) — hy, (2)

0=Yr x—1, 3)
Ne *

0=Yry —1, (4)

0=y; —Ki(x,y"T,p)x; ,i=1,..,nc. (5)

Here, v and [ represent normalized liquid and vapor flow rates, based on the liquid,
vapor and net flow rates L,V and N (cf. Figure 1). The vapor phase compositions y;,
i = 1..n., are considered to be in equilibrium with the liquid phase compositions x;,
i =1..n.. The K-values K; are the distribution coefficients of the components in
vapor-liquid equilibrium (VLE). As the net enthalpy hy only occurs in the energy
balance, the system of equations can be split and only eq. (1) and (3)-(5) need to be
solved in order to calculate the solution set. In a subsequent step the net enthalpy
can be calculated as the solution to eq. (2).

Pure components and azeotropes, i.e. the singular points of the system, are always
solutions of the pinch equation system. However, the normalized vapor flow rate v
tends to infinity at these points. While Felbab [10] avoids the singular points, starting
the integration at pinch points at high reflux in their vicinity we utilize a reformulation
of the pinch equation system to overcome the numerical difficulties at the singular
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points. Introducing an additional parameter ¢ to multiply the mass balance with eq.
(1) is replaced by the following two equations:

0=v-y,—l-x;—a-z ,i=1,..,nc (6)
0=a?—i?—1. 7)

The reformulated pinch equation system, eq. (3)-(7), with the reformulated flow rates
7 =a-vandl = a- I can be solved everywhere, including the singular points.

In case of a heterogeneous system, phase splitting needs to be accounted for.
Assuming a maximum of two liquid phases, the equilibrium relationship (eq. (5))
needs to be exchanged by VLE equations for the two liquid and the vapor phase, to
account for vapor-liquid-liquid equilibrium (VLLE):

O=x,—(1—¢) - xl —¢p-x"",i=1,..,nc (8)
0=y — KLy T,p)-x,i=1,..,n¢ (9)
0=y — K"y, T,p)-x",i=1,..,n. (10)

Here x/ and x!" are the phase compositions of the two liquid phases and ¢ describes
the liquid phase ratio. However, determining the equilibrium solution for a given
overall liquid composition and pressure by means of a separate routine, including a
phase-stability test [11], the continuation can still be performed for eq. (3)-(7), if the
K-values are calculated as a pseudo-homogeneous K-values by

Ki(x"y*T,p)Ki(x!,y*Tp)
(1-¢)-K;(xLy*T,p)+¢-K; (xL,y*,T,p)

0=K,;(x,y"T,p) — ,i=1,..,nc. (12)
Note, that in case of a heterogeneous solution, the calculation of the net enthalpy the
needs to account for liquid phase splitting too:

0= h%')(x, T' p) - (1 - d)) ' hL(xI'TJ p) - ¢ : hL(x”J T'p) (12)

With the integrated phase-stability test the solution of the under-determined equation
system (eq. (3)-(7)) in form of g(u) =0, with u={x7,y*",T,a,,0}, is vald in
homogeneous and heterogeneous regions and has one degree of freedom. As the
solution set is one-dimensional and can be parameterized (e.g. by v) it can be solved
by means of continuation starting from solutions which are a-priori known. As all
singular points are also solutions to the pinch equation system, all pure components
and azeotropes are valid initial solutions [8,9].

A pseudo-arc-length algorithm is used to calculate the pinch branch, starting from the

singular points. The determinant of the Jacobian Z—i is monitored in every step of the

method to detect bifurcations along the pinch branch, which relate to additional
branches. The direction of these branches results directly from an analysis of the
kernel of the Jacobian. The calculation of the eigenvalues and eigenvectors of the
Jacobian provides also important information, including the number of unstable
eigenvalues to allow for a classification of the stability of the actual solution. This is of
special importance for the utilization of pinch points in pinch-based shortcut methods
and the determination of thermodynamical consistency in case of singular points. For
an elaborate description of the algorithm and the implementation, we refer to [12].

3. Calculation of azeotropes
The relative volatility is a measure of the differences in volatility between two
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components and indicates how easy or difficult a particular separation by means of
distillation will be. It is defined by the ratio of the K-values of two components i and j

_yilyj _K;

0= gx K (13)
For a relative volitility of one (univolitility), the K-values as well as the volatility of both
components are equal [K; = K;]. Azeotropes represent a special case of univolatility,
as the K-values of the present components are not only equal, but also equal unity. It
is well known that the existence of azeotropes directly entail the existence of
univolatility curves/surfaces connecting the azeotrope with the boundaries of the
subspaces [13,14]. Westerberg and Wahnschafft [15] already proposed to utilize
univolatility curves for determining homogeneous azeotropes and present a profound
discussion of the theory. Thus, continuation along univolitility curves is an option for
determining all azeotropes of a mixture. However, the previously described
continuation of the pinch branches can be used for exactly this purpose by an
appropriate choice of the net product composition z.

In the special case of a pure component (w.l.o.g. we choose component 1), the
mass balance for the pinch equation system, presented by eq. (1), results in

Y1 1
0=v- |2 —l-lel—l‘?‘. (14)
ync xnc 0

Therefore, for all components i # 1 the following equation holds:
O=v-y;—1l-x;,i=2,..,n¢. (15)

This means, that either the compositions of a component i are zero (x; = 0 and
yi=0),or

Lol Yok vie{l,..,nc} x> 0) (16)

v x;

<

holds. Therefore, in case of a pure component product, all components present at a
pinch point have equal K-values and accordingly the pinch branches either
correspond to a binary edge or a univolatility curve. Thus, the continuation of the
pinch branches is equivalent to a continuation along univolatility curves. This is the
basis for the determination of the azeotropes.

Figure 2 presents an exemplary illustration of the pinch lines for the ternary mixture
of acetone, ethanol and water (AEW) at an elevated pressure of 10 atm and a
quaternary mixture of acetone, chloroform, methanol and benzene (ACMB) at 1 atm.
For both systems, which exhibit multiple azeotropes, a continuation starting from only
one pure component product suffices to detect all azeotropes. The azeotropes are
found by means of a simple search along the pinch branches (binary edges and
univolatility curves). Higher-order azeotropes (e.g. Az(ACMB) in Figure 2 (right)) are
located on higher-order univolatility curves (K4, = K = Kj;), which bifurcate from
lower-order univolatility curves (K. = Ky). The stability of each azeotrope is derived
from the information on the eigenvalues and eigenvectors and is in accordance with
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the stability information of the pinch branch. Based on this information, topological
consistency [16] can easily be checked, too. Note, while all azeotropes are located,
not all univolatility curves are computed, performing the calculation for just one pure
component product. The calculated univolatility curves are the specific curves,
connected to the specific subspace. E.g., there exists a complete univolatility surface
(K4 = Ky) in the quaternary reigon in the ACMB mixture, but only the univolatility
curve connected to the AC-edge is calculated for the pure benzene product.
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Figure 2: Pinch branches for AEW system at 10atm and ACMB system at 1 atm
and pure component product z

The equivalance can also be extended to heterogeneous mixtures considering the
pseudo-homogeneous K-value, defined by eq. (11). For a solution of the pinch
equation system the composition of a component i, different from the pure
component product, is again either zero (x; = 0 and y; = 0), or

L i .

;=i’—i=l{p,i , Vi e{l,..,n:} ] x; > 0). (17)
Thus, for a pure component product all pinch branches correspond to either a binary
edge or a univolatility curve also inside a miscibility gap. Outside of the miscibility
gap(s) the pseudo-homogeneous K-values are equal to the standard K-values for the
homogeneous system.

isopropanol isopropanol isopropanol
8