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Abstract

A heat-integrated prefractionator arrangement is studied for a ternary separation of a propane–butane–pentane mixture. These types of
integrated prefractionator arrangements have large energy savings compared with the best of the direct or indirect sequence with no heat
integration. However, a heat-integrated distillation system can be more difficult to control than a non-integrated arrangement, so good control
systems are essential. In this work, the focus is on selecting control variables that will ensure that the promised energy savings are achieved. The
method of self-optimizing control (Skogestad, 2000) has been used to provide a systematic procedure for the selection of controlled variables,
based on steady state economics. The results show that the integrated prefractionator arrangement can have large energy savings compared
with non-integrated arrangements and that controlling the ratio of the distillate flow to the feed flow has good self-optimizing properties.
© 2004 Elsevier Ltd. All rights reserved.
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1. Introduction

Distillation is an energy consuming process that is used
for about 95% of all fluid separation in the chemical indus-
try and accounts for an estimated 3% of the world energy
consumption (Hewitt, Quarini, & Morell, 1999). However,
there are potentials for improvement and heat integration
of distillation columns can be a method for achieving large
savings.

For ternary separations there are three classical separation
schemes: direct split, indirect split (IS) and the prefrac-
tionator arrangement. Energy savings can be achieved for
these separation schemes by running one of the columns
at a higher pressure and integrating the condenser of
the high-pressure (HP) column with the reboiler of the
low-pressure (LP) column. For these “multi-effect” systems
there are two modes of integration: forward integration,
where the heat integration is in the direction of the mass
flow, and backward integration, where the integration is in
the opposite direction of the mass flow.

In this study, the focus is on finding self-optimizing con-
trol variables for a prefractionator arrangement with forward
integration. These type of integrated arrangements have been
shown to have large energy savings compared with both
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integrated and non-integrated arrangements, see for exam-
ple Cheng and Luyben (1985), andEmtir, Rév, and Fonyó
(2001). In the literature there are however, only a few ar-
ticles concerned with the optimization and control of these
integrated arrangements.

Ding and Luyben (1990)presented control studies of a di-
rect split system and a backward integrated prefractionator
systems for ternary separation of benzene–toluene–xylene.
Two cases were considered: a low and a high purity re-
quirement for the products. For the integrated prefraction-
ator arrangement, there is control of the two impurities
in the sidestream (from main column) by controlling the
sidestream flowrate and the sidestream draw-off tray. For
the low-purity case they found that dynamically the prefrac-
tionator arrangement is about the same as the conventional
direct split configuration. For the high purity case both sys-
tems are controllable, but the direct split configuration gives
much better load rejection. They also found that the control
of the sidestream toluene composition was particularly poor.

Bildea and Dimian (1999)also investigated the control-
lability for a system with a prefractionator and a sidestream
main column. For the forward and backward integrated
case they looked at four different designs, depending on
the light/heavy split in the prefractionator. The authors con-
cluded that in general the forward heat integration scheme
is the easiest to control.
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Emtir et al. (2003) compared five different energy-
integrated schemes, among them the forward and back-
ward integrated prefractionator arrangement, with a
non-integrated direct split sequence. The study compared
the total annual costs (TAC) and the controllability of the
different schemes. In terms of TAC they found that the back-
ward integrated direct split configuration has the maximum
savings of 37%. The integrated prefractionator arrangements
have similar savings of 34% for the forward-integrated case
and 33% for the backward-integrated case. In terms of con-
trollability, the authors found that the integrated direct and
indirect split arrangements was similar to the non-integrated
direct split. The more complex configurations were found
to be more difficult to control due to interactions between
the control loops. They also found that in terms of control-
lability that the forward-integrated schemes were preferred.

In this work, a heat-integrated arrangement consisting of
a prefractionator and a main column with sidestream is stud-
ied for the ternary separation of a propane–butane–pentane
solution. The objective of the work has been on the selec-
tion of controlled variables, that is, finding which variables
that should be controlled so that the energy savings can be
achieved. The concept of self-optimizing control (Skogestad,
2000), which normally is based on steady state economics,
is used to provide a systematic framework for the selection
of the controlled variables. This method involves a search
for the variables that, when kept constant, indirectly lead
to near-optimal operation with acceptable economic loss. In
self-optimizing control, rather than solving the optimization
problem on-line, the problem is transferred into a simple
feedback problem (Skogestad, 2000). In practice, this means
that when the plant is subject to disturbances it will still op-
erate within an acceptable distance from the optimum and
there is no need to re-optimize when disturbances occur.

2. The integrated prefractionator arrangement

The system studied in this paper is a ternary separa-
tion of propane–butane–pentane using a forward multi-effect
heat-integrated scheme. The separation is carried out in two
columns operating at different pressures (seeFig. 1). The
first column is a high pressure prefractionator, which per-
forms the propane/pentane split. Both the distillate and the
bottom product from the high-pressure column are fed to
the second, low-pressure column. Here propane, butane and
pentane are the products from the distillate, sidestream and
bottom stream, respectively. The top part of the LP col-
umn (above sidestream) performs the propane/butane split
while the bottom part (below the sidestream) performs the
butane/pentane split. The heat integration between the two
columns is in an integrated reboiler/condenser, where the
condensing heat from the HP column is used to boil the LP
column.

The forward heat integrated scheme was selected for this
study because it was found previously by other authors to
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Fig. 1. The forward heat-integrated prefractionator arrangement.

be the most easy to control (Bildea & Dimian, 1999; Emtir
et al., 2003). For abackward integrated system the prefrac-
tionator would be at a low pressure while the main column
would be at the high pressure. The integrated condenser
would then be between the top of the main (HP) column and
the bottom of the prefractionator (LP). The energy savings
assuming content relative volatility would be identical (see
Table 2).

The feed data and column specifications are given in
Table 1.

2.1. Energy savings for integrated prefractionator
arrangements

For a thermally coupled distillation column (Petlyuk), the
energy savings can be typically 30% compared with the di-
rect or indirect split arrangement (Halvorsen, 1999). How-
ever, using a prefractionator which is not only thermally
coupled, but also heat integrated with the columns run at
different pressures, can have savings of around 50% or more
compared to the best of the direct or indirect sequence (Ding
& Luyben, 1990).

Minimum vapour flowrate calculations for ternary mix-
tures can be done using the Underwood equations for

Table 1
Feed data and column specifications

Feedrate (F) 300 mol/s
Feed composition (zF) Propane 0.15, butane 0.70, pentane 0.15
Feed liquid fraction q = 1 (all columns)
Number of stages HP column: 20, LP column: 40
Relative volatilities Propane 7.98, butane 3.99, pentane 1.00
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Fig. 2. ComparingVmin for prefractionator arrangement with and without
integration.

minimum vapour flowrate for sharp splits and constant rel-
ative volatility. In the prefractionator, the minimum vapour
flowrate as a function of the recovery of the middle com-
ponent,rB,D, is calculated from

Vmin,1 =
(

αAzA

αA − θ
+ αBrB,DzB

αB − θ

)
F (1)

The Underwood roots,θA andθB are found from the feed
equation (King, 1980). The break in the prefractionator
curve in Fig. 2 is the point where we go from usingθA
to usingθB in Eq. (1). The vapour flowrate in the second
column is calculated from Kings equation (King, 1980)
for binary mixtures. Note that the effect of pressure on the
separation is not included in these formulas.

For both the prefractionator arrangements, the energy sav-
ing is dependent on the recovery of the middle component
from the prefractionator. Using the Underwood equation for
the prefractionator and Kings equation for the upper and
lower part of the main column we can plot the minimum
vapour flowrate as a function of the recovery of the mid-
dle component from the prefractionator. A sharp split be-
tween A/C in the prefractionator and A/B and B/C in the

Table 2
Comparison of energy savings (Vmin) for different feed compositions (compared to the best of the non-integrated direct or indirect sequence) for mixtures
with constant relative volatility,α = [8 4 1]

zF DS (%) IS (%) Petlyuk (%) DSF (%) DSB (%) ISF (%) ISB (%) PF/PB (%)

[1/3 1/3 1/3] −0.44 0.00 34.86 34.86 34.86 36.54 36.54 51.77
[0.7 0.15 0.15] 0.00 −4.05 13.87 13.87 13.87 14.11 14.11 21.65
[0.1 0.45 0.45] −3.79 0.00 39.20 46.47 46.47 39.20 39.20 66.66
[0.1 5 0.7 0.15] −0.05 0.00 42.47 49.13 49.13 42.47 42.47 70.17
[0.4 5 0.1 0.45] −1.29 0.00 20.85 20.85 20.85 22.00 22.00 28.89
[0.15 0.15 0.7] −10.70 0.00 35.08 40.08 40.08 35.08 35.08 57.64
[0.45 0.45 0.1] 0.00 −2.41 31.83 31.83 31.83 32.22 32.22 49.02

DS: direct split; DSF: direct split, forward integrated; DSB: direct split, backward integrated; IS: indirect split; ISF: indirect split, forward-integrated; ISB:
indirect split, backward integrated; PF: prefractionator, forward integrated; PB: prefractionator, backward integrated; Petlyuk: thermally coupled columns.

main column has been assumed.Fig. 2shows a comparison
of the minimum vapour flowrate required for an integrated
and a non-integrated prefractionator arrangement as a func-
tion of the recovery of the middle component (further de-
tail is given in Engelien, 2004). From the figure it can be
seen that in this case both the integrated and non-integrated
system has rather sharp optimums. This is not normally
the case for the non-integrated scheme, but occurs for the
feed composition and relative volatility used in the exam-
ple, because the recoveries of the “preferred split” and the
“balanced split” happen to be the same (see for example,
Christiansen, 1997). Normally, this does not happen, and the
non-integrated prefractionator system has a flat optimum,
between the “preferred split” and the “balanced split”. For
the integrated system the optimum is always sharp, as seen in
Fig. 2.

Table 2is showing comparisons between energy require-
ments for integrated and other non-integrated schemes,
based on the minimum vapour flowrate expressions de-
scribed above (sharp splits). The energy savings are given
as percentage improvement compared to the best of the
non-integrateddirect or indirect sequence. In all cases the
integrated prefractionator arrangements have higher energy
savings compared to the other schemes. The highest sav-
ings occur when there is a high concentration of the middle
component. For feed composition [0.15 0.7 0.15] the inte-
grated prefractionator arrangements have savings of 70%,
compared to the best of the direct or indirectnon-integrated
sequence. In terms of energy the best of the other integrated
schemes for this feed is a direct split arrangement with
forward or backward integration, which has 49% savings.

Constant relative volatility has been used in all columns
(seeTable 1). Also, it is optimal for all the cases, except the
indirect split, to use liquid feed (q = 1) to all the columns.
The indirect split, the indirect split with backward integra-
tion (ISB) and the prefractionator arrangement with reverse
integration (PB) would require less vapour flow for the A/B
split if the feed to this section was vapour. However, for
the two integrated cases this would result in a vapour be-
ing feed from a LP column to a HP column, something that
would require compression. This would lead to added costs
and has therefore not been considered as a viable option.
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Vapour feed is therefore used only in the non-integrated in-
direct split case (columns at same pressure); for all the other
cases liquid feed is considered to be the optimal operation.
In the Petlyuk arrangement there is also vapour feed to the
main column, but this is standard for this arrangement.

3. Self-optimizing control

The objective of the study is to implement a simple
“optimal” control scheme for the integrated prefractionator
arrangement by finding and controlling the variables in the
system that will directly ensure optimal economic opera-
tion. Then, when there are disturbances in the system, there
is no need to re-optimize.

The method of self-optimizing control involves a search
for the variables that, when kept constant, indirectly lead
to near-optimal operation withacceptable loss (Skogestad,
2000). The procedure consists of six steps: (1) a degree
of freedom (DOF) analysis, (2) definition of cost function
and constrains, (3) identification of the most important dis-
turbances, (4) optimization, (5) identification of candidate
controlled variables and (6) evaluation of loss with constant
setpoints for the alternative sets of controlled variables.

The first important step in this systematic procedure is to
analyse the number of degrees of freedom for the system.
For the integrated prefractionator arrangement there are 11
dynamic (control) DOF, when assuming a fixed feedrate.
These are: the boilup in the HP column, the condensation
rate in the HP column, reflux, distillate and bottom flowrate
from both columns, sidestream flowrate in the LP column,
boilup in the LP column and condensation rate in the LP
column (seeFig. 1).

For this distillation system there are four holdups in the
reboilers and condensers that have to be stabilised, but these
have no steady state effects and therefore no effects on the
cost function. This then leaves seven degrees of freedom for
optimization.

In the formulation of the objective function there are two
‘conflicting’ elements: to produce as much valuable product
as possible, but using as little energy as possible. For a given
feed, the cost function is defined as the amount of propane,
butane and pentane from the LP column (at 0.99 mol% or
more) multiplied by the relevant product prices, minus the
cost of the feed and the cost of boilup

J = pDD + pSS + pBB − pFF − pVV (2)

From the total mass balance, we get

J = (pD − pF)D + (pS− pF)S + (pB − pF)B − pVV (3)

Further, it has been assumed that the products have the same
value, sopD = pS = pB = p we have

J = (p − pF)(D + B + S) − pVV = (p − pF)F − pVV

(4)

With a given feedrate,F, the first term is fixed. Minimising
J is then equivalent to minimising

J ′ = −V (5)

whereV is the vapour flow in the bottom of the HP column
andQB,HP = VHPHvap.

Having defined the objectives, the system constraints must
be defined. These are the model equations (equality con-
straints), i.e. the mass, component end energy balances for
the distillation process and the operational constraints (in-
equality constraints). In addition to requiring positive flows,
the following seven constraints have been specified:

• the pressure in the LP column should be greater than or
equal to 1 bar;

• the pressure in the HP column should be less than or equal
to 15 bar;

• the reboiler duty in the LP column (QB,LP) must equal
the condenser duty in the HP column (QC,HP) (equality
constraint);

• the product purity of the distillate (xAD,LP), side (xBS,LP)
and bottom stream (xCB,LP) should be above or equal to
99 mol%;

• the area in the combined reboiler/condenser should be
less than or equal toAmax, whereAmax is calculated from
the optimal steady state solution assuming(Tcond,HP −
Treb,LP) = 5◦C andU = 906 W/m2 K. In practice the area
constraint can, for example, be implemented by allowing
the area to vary by using a bypass.

The optimization problem can then be formulated as:
min(−J′(x, u, d)), subject to:g1(x, u, d) = 0 (model equa-
tions) andg2(x, u, d) ≤ 0 (operational constraints). Here,
x are state variables,u are independent variables that can
be affected (DOF for optimization) andd are independent
variables that can not be affected (disturbances).

By solving the optimization problem we find the nomi-
nal steady state operating point, i.e. the optimal operating
point for the multi-effect distillation when there are no dis-
turbances. This gives us the optimal nominal values for all
the variables in the system.

Then the most important disturbances in the system have
to be defined. The optimization is then repeated for the var-
ious disturbances to find the active constraints and the ob-
jective value at each disturbance. The most important dis-
turbance that has been considered is variations in the feed
flow of ±20% and variations in feed compositions (zF,B =
±0.1 mol fraction). The optimal solution for the nominal
case and for the disturbances can be seen inTable 3.

3.1. Active constraints

The active constraints of the system are found from the op-
timization. For this system we would expect to find that the
three product compositions, the pressure in the LP column
and the area of the exchanger are active constraints. How-
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Table 3
Optimum solution for nominal case and for disturbances

Operating case Vopt (mol/s) xAD,HP xBD,HP rBD,HP xBB,HP

Nominal 159.31 0.37 0.61 0.349 0.76
F + 20% 190.70 0.38 0.61 0.346 0.76
F − 20% 127.75 0.37 0.61 0.351 0.76
zF,B + 0.1 162.29 0.23 0.75 0.405 0.84
zF,B − 0.1 154.33 0.52 0.47 0.300 0.68

xCB,HP xAD,LP (light) xBS,LP (middle) xCB,LP (heavy) PHP (bar) PLP (bar)

0.24 0.9999 0.99 0.99 7.4 1.0
0.24 0.9999 0.99 0.99 7.6 1.0
0.24 0.999985 0.99 0.99 7.2 1.0
0.16 0.9999 0.99 0.99 6.0 1.0
0.32 0.9999 0.99 0.99 8.8 1.0

LT,LP (mol/s) LT,HP (mol/s) DHP (mol/s) BHP (mol/s) DLP (mol/s) SLP (mol/s)

273.6 40.4 119.9 180.1 45.0 211.7
330.6 48.7 143.3 216.7 54.0 254.0
217.4 32.2 96.4 143.6 36.0 169.3
278.2 32.5 129.2 170.8 30.0 242.1
264.9 42.5 115.4 184.6 60.0 181.2

BLP (mol/s) BHP/F QB,HP (MW) QB,HP/F (MW/(mol s)) QB,HP/LT,HP (MW/(mol s)) QB,HP/LT,LP (MW/(mol s))

43.3 0.600 3.3736 0.0112 0.083 0.0123
52.0 0.602 4.0335 0.0112 0.083 0.0122
34.7 0.598 2.7086 0.0113 0.084 0.0125
27.9 0.569 3.4219 0.0114 0.105 0.0123
58.8 0.615 3.2931 0.0110 0.077 0.0124

QC,HP (MW) QB,LP (MW) QC,LP (MW) Tbtm,HP (◦C) Ttop,HP (◦C) A (m2)

−3.1942 3.1942 −5.7292 75.55 40.02 821.87
−3.8173 3.8173 −6.9156 76.70 41.00 821.87
−2.5660 2.5660 −4.5562 74.38 39.04 821.87
−3.3417 3.3417 −5.5414 63.91 40.25 821.87
−2.9882 2.9822 −5.8411 86.12 39.70 821.87

Active constants are shown in bold.

ever, for this problem only the following four constraints
were active (seeTable 3):

• the pressure in the LP column, which is equal to 1 bar;
• the product purity of the sidestream, which is equal to

0.99;
• the product purity of the bottom stream, which is equal to

0.99;
• the area in the integrated exchanger, which is equal to

Amax.

The pressure in the HP column and the product purity of
the distillate were not active constraints.

When a variable is at a constraint thenactive constraint
control is implemented, i.e. for this casePLP, xBS,LP, xCB,LP
and area (A) will be controlled. For the area it is assumed that
there is a bypass that can be manipulated in order to “control”
the area and this should be kept “closed” to maximiseA.
This bypass will therefore be fully closed to maximise the
area and thus the heat exchange between the two columns.
Implementing the active constraint control means that we are
left with two unconstrained degrees of freedom for which
control variables have to be selected.

In this case, where the costs of the products are the same,
it is the value of boilup that is minimised. In another case
where the product prices are different, the purity constraint
is likely to be active for the product(s) that has the highest
value.

There may also be other cases when the active constraints
change. Take, for instance, a case when there are changes
in the feed composition, such that the condensation in the
HP column is higher than the energy requirements of the
LP column. In terms ofFig. 2 this means that the min-
imum vapour flowrate curve for the prefractionator will
lie above the curve for the main column, for all recov-
eries of the middle component. In order to balance the
columns it may then be optimal to overpurify the least
valuable product in the main column, thus one purity con-
straint is no longer active. Another possible operation is
that the prefractionator no longer performs a sharp A/C
split and the light component (A) will appear in the bottom
stream in order to reduce the prefractionator duty. It is there-
fore important for the column operation and control system
to study the feed composition and the effects of expected
disturbances.
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If the condensation in the prefractionator is less than the
boilup in the main column this can result in the purity re-
quirements of the LP column not being met, or that we get
pure A at the top, or pure C at the bottom of the prefrac-
tionator.

3.2. Testing different control variables

Above it was found that four of the constraints were ac-
tive constraints, thereby leaving two degrees of freedom for
self-optimizing control. This means that there are still two
unconstrained variables that we need to control in order to
specify the operation. To find out which variables are best
suited we calculate the loss when different variables are fixed
at their nominal optimal value (found from the optimiza-
tion) when there are disturbances. Here it has been decided
to keep the product concentration of the distillate stream
at its minimum value of 99 mol%. This is justified since
fixing the concentration in the distillate stream gives very
low loss (≤0.0013%). Thus there is little to gain by over-
purifying this product and we may as well keep it at 99%.
This “active constraint” consequently leaves one degree of
freedom.

For the remaining unconstrained degree of freedom a
number of control variables were tested. The results from
the loss calculation are presented inTable 4, where the ex-
tra cost of duty is presented as the percentage of the optimal
duty requirement for each of the disturbances. Here, a 1%
extra duty cost corresponds to about US$ 25 000 per year
when assuming production of 330 days per year and the cost
of energy at US$ 0.062 MJ−1.

FromTable 4it can be seen that constant setpoint control
of many variables, like the pressure in the HP column (PHP),
result in large losses when there are disturbances in the feed
flowrate or composition. Other variables result in infeasible
operation for some of the disturbances. For most of the cases
this is caused by the purity constraint not being reached in
the sidestream of the main column.

Table 4
Loss for each disturbance

Control variable,c Loss (%) (feedrate disturbance) Loss (%) (composition disturbance)

F + 20% F − 20% zF,B + 0.1 zF,B − 0.1

PHP 2.50 0.95 21.94 71.70
LT,HP/F 0.02 0.01 0.99 Infeasible
DHP/F 0.03 0.02 1.3 1.47
xBD,HP 0.02 0.06 26.96 38.71
QB,HP Infeasible 24.55 Infeasible 2.44
DHP 8.40 19.14 1.33 1.41
BHP 20.80 28.11 1.33 1.41
QB,HP/F Infeasible Infeasible Infeasible Infeasible
BHP/F 0.03 0.02 1.30 1.47
xBB,HP 0.02 0.14 40.92 Infeasible
LT,HP Infeasible 1.99 0.97 Infeasible
T4,HP 3.88 1.09 26.49 Infeasible
xAB,HP Infeasible Infeasible Infeasible Infeasible

It can also be seen that from the variables tested, the ra-
tio of the distillate or the bottom stream in the prefraction-
ator to the feed stream (DHP/F, BHP/F) has the lowest loss.
This indicates that both of these are good self-optimizing
variables. If one of these variables is controlled at a con-
stant setpoint then the system will be closer to the optimum
energy savings than if, for example, the pressure was to
be controlled. The implementation error (±10%) forDHP/F
was also tested and found to result in a loss of 2.9 and
20%, respectively. The largest implementation error was for
the case ofDHP/F = 10%. Including the implementation
error this gives an average loss of 4.3% when controlling
DHP/F.

3.3. Proposed control structure for prefractionator
arrangement

A suggested control structure for integrated prefractiona-
tor arrangement usingDHP/F as the selfoptimizing control
variable is presented inFig. 3. The active constraint control
loops are shown shaded. It should be noted that this is only
a suggestion for the pairing of controlled and manipulated
variables. The focus of the study is on identifying thecon-
trol variables, based on steady state economics, and not on
the pairing or dynamic issues.

The control structure has the following features:

(I) Stabilising level loops (four)
• the reflux flow (LT,HP) is used for level control in

the HP condenser;
• the distillate flows (DLP) is used for level control in

the LP condenser;
• the bottom flowrate from the HP column (BHP) is

used to control the level in the HP column;
• the bottom flowrate from the LP column (BLP) is

used to control the level in the LP column.
(II) Active constraint control loops (four)

• the bottom product purity (xC = xCB,LP) is con-
trolled using the sidestream flowrate (SLP);
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Fig. 3. Proposed control structure for the integrated prefractionator arrangement.

• the sidestream product purity (xB = xBS,LP) is con-
trolled using the boilup in the HP column. To allow
for local disturbance rejection this has been imple-
mented in a cascade scheme, where the boilup is
used to control the compositionxAB,HP in the bot-
tom of the HP column, and the setpoint for this bot-
tom composition (xAB,HPs) is used as an indepen-
dent variable to control the sidestream purity in the
LP column (xB = xBS,LP);

• the pressure in the LP column is controlled using
the condensation rate in the LP condenser (QC,LP);

• the maximum area in the integrated reboiler/condenser
is used (not actual control loop, bypass valve is
fully closed).

(III) “Self-optimizing” loops (two)

• the distillate product purity (xA = xAD,LP) is con-
trolled using the reflux flowrate (LT,LP);

• the flow ratioDHP/F is controlled at a constant set-
point (self-optimizing loop).

4. Dynamic simulations

Dynamic simulations have been carried out in order to
verify the proposed control structure inFig. 3, where the
ratio DHP/F is used as a self-optimizing variable.Figs. 4–6

show the response in the product compositions when the
system was subject to the following disturbances:

• 5% increase in the feedrateF (Fig. 4);
• 0.05 increase in the middle component feed fraction

(Fig. 5);
• 0.05 decrease in the middle component feed fraction

(Fig. 6).

For all cases the disturbances have been made at time of
10 h.
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Fig. 4. Response to disturbance in feed flowrateF + 5% at time= 10 h.
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Fig. 5. Response to disturbance in feed composition,zF = [0.175
0.65 0.175] at time= 10 h.

The results from the dynamic simulations show that the
proposed control system works and that the integrated pre-
fractionator arrangement is controllable, but that the system
is quite sensitive to disturbances. If large disturbances are
to be expected then other control schemes should also be
investigated.

From the figures it can be seen that the distillate compo-
sition control is very fast and with small setpoint deviation.
The sidestream has a slower response, as expected, since
this is normally the case for the sidestream and in addition
as this loop is the slow cascade loop. The bottom concen-
tration response is the poorest with the largest setpoint de-
viation. If it is important to keep the concentration close to
the setpoint then other alternatives may be investigated. The
problem could be alleviated by, for example, using a prod-
uct tank, which will average out the variations in product
composition. Another alternative, which would give a faster
response, would be to use an auxiliary reboiler to control the
bottom composition. This however, would result in a higher
energy demand and as the main objective in this study has
been on energy saving this option has not been considered.

0 10 20 30 40 50
0.96

0.965

0.97

0.975

0.98

0.985

0.99

0.995

1
Product composition response in LP column

Time (h)

x
A

x
B

x
C

Fig. 6. Response to disturbance in feed composition,zF = [0.125
0.75 0.125] at time= 10 h.
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Fig. 7. Response of pressure in top of HP column response to a 5%
increase in feed flowrate at time= 10 h.

According to the results from the optimization the pres-
sure in the HP column has been kept floating. A typical pres-
sure response in the top of the HP column can be seen in
Fig. 7. The disturbance is a 5% increase in the feed flowrate.

Two other structures with different control for the bottom
composition were also tested:

• Alternative structure 1: The bottom composition is
controlled in cascade, with a temperature below the
sidestream controlled in an inner loop using the
sidestream. The temperature setpoint is then used to
control the bottom composition.

• Alternative structure 2: The boilup in the HP column is
used to control the bottom composition in the LP column.
For this scheme the bottom composition in the HP column
was not controlled and the sidestream flowrate was used
to control the sidestream composition.

None of these alternative structures showed improvement
to the proposed structure. Structure 1 was controllable and
worked reasonably well, but alternative 2 was very slow and
did not work well.

5. Discussion

When considering heat-integrated distillation columns it
is important that after the first initial screening of alternatives
that a more rigorous analysis is performed. The results will
often be on a case to case basis. For instance, for multi-effect
columns the temperature range of the utilities is increased.
For the system studied this means that the heat supplied
to the HP column must be at a higher temperature than if
the system was operating at a lower pressure. This may, for
some cases, be within the available utilities on some plants
whereas on other plants it may not be acceptable.

The identification and selection of the disturbances may
also vary from case to case and this will influence the re-
sults. For instance, it may be that composition disturbances
are not expected. There may then be variables other than
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the flow ratio that can be used for the self-optimizing con-
trol loop. There may also be other disturbances that should
be considered, e.g. disturbances in the utilities, such as the
steam pressure, or disturbances in the feed quality (vapour
fraction).

As described earlier the set of the active constraints in the
system may also change.

The list of control variable tested is not extensive and
further variables should be tested. An alternative method
can also be used where the optimal combination of control
variables is found (giving no loss) (Alstad & Skogestad,
2002).

Finally, in this study we have only considered the
forward-integrated arrangement inFig. 1. The backward
integrated scheme with the prefractionator operating at the
low pressure and the heat supplied to the main column has
similar energy savings, but will otherwise be quite different
from an operation point of view. For example, the tempera-
ture at the top of the LP column will be higher, assuming that
the LP column is operated at 1 bar. The best self-optimizing
variable is also likely to change. We found in our study of
the forward integrated prefractionator arrangement that the
control of the bottom product was somewhat poorer (e.g.
seeFig. 6). The backward integrated scheme is potentially
better from this point of view, since the boilup in the main
column can be used for control purposes.

6. Conclusions

The work presented shows that a heat-integrated prefrac-
tionator arrangement has very large energy savings com-
pared with conventional direct or indirect split columns. The
focus of the work has been on finding good control vari-
ables that will ensure that these promised energy savings are
achieved in practice during operation.

The method of self-optimizing control is used to find the
best control variables. For the prefractionator arrangement
there is a total of eleven degrees of freedom with six DOF
available for optimization when variables with no-steady
state effects have been excluded and the duties of the two
columns are matched. From the optimization it was found
that there are two degrees of freedom left for control vari-
ables had to be found. The active constraints (PLP, xBS,LP,
xCB,LP, A) were used to implementedactive constraint con-
trol. Also, it was decided to control the top product purity
(xAD,LP) in the LP column as this gave very low loss in the

objective function. A comparison of economic loss was then
used to find the last self-optimizing control variable that will
keep the system close to the optimum when there are dis-
turbances. The ratio of the distillate flow to the feed rate
was found to have good self-optimizing properties. Dynamic
studies where theDHP/F scheme was implemented showed
that the system is controllable, but that the sidestream and
bottom stream composition responses are slow and that the
system is sensible to disturbances.

For the selected feed composition the forward-integrated
prefractionator arrangement uses only around 30% of the
energy required for the direct or indirect split arrangement.
When including the average loss of 4.3% when controlling
the distillate to feed ratio the forward-integrated prefraction-
ator arrangement will use 31.3% of the energy required for
the direct or indirect split arrangement.
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